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Dissertation Director: 

Dr. Marianthi G. Ierapetritou 

 

The great economic and environmental incentives have motivated the development of 

biorefinery as an alternative to refinery, since biomass resources can be used to produce 

both high-volume and low-value fuels and high-value chemicals. Intensive interests have 

arisen to develop biobased chemicals and ten top added-value platform chemicals are 

determined including ethanol, furfural, glycerol and derivatives, levulinic acid, 

hydroxymethylfufural (HMF) etc. [1-3]. This work focuses on the development of efficient 

and economically sustainable routes for the production of bio-based platform chemicals 

such as 5-hydroxymethylfurfural (HMF) and furfural and their conversion to p-xylene and 

phthalic anhydride correspondingly. 

The acceptance of these products in the market place depends on their competitiveness 

compared with petroleum-based products in terms of not only economics but also process 

sustainability. The goal is to study the production of biobased chemicals from the 

viewpoint of process systems engineering and to develop an integrated framework 

implementing process design, simulation, heat integration, life cycle assessment (LCA) 

and process optimization in order to achieve more economically and environmentally 

friendly production alternative. First, technoeconomic analysis and LCA are used to 
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evaluate the production of p-xylene from starch or glucose via HMF. Then the same 

approaches are extended to the production of phthalic anhydride from hemicellulose 

solution via furfural. Finally, the framework of process flowsheet optimization is presented 

using surrogate-based models to represent the detailed models and it is applied in the 

production of HMF from glucose to optimize operating conditions and compare different 

alternatives. 
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Chapter 1 Introduction 
 

 

1.1 Motivation 

 

Exhausting oil reservoirs, fluctuating petroleum price and rising environmental 

concerns have prompted the development of renewable energy sources including solar, 

wind, and biomass. Biomass is among the more promising alternatives since it can be used 

to produce both high-volume, low-value fuels, and high-value chemicals that are currently 

made from petroleum resources [4]. In addition, biomass can be beneficial to the 

environment, not only due to the reduction of CO2, sulphur and heavy metal emissions in 

the atmosphere but also by diminishing the environmental damage due to the fossil fuels 

and chemical production, leading to a sustainable production process. The idea of 

integrated biorefinery has been presented to provide a solution to employ various 

combinations of feedstock and conversion technologies to produce a variety of products, 

including biofuels, chemicals, animal feed, heat and power [5]. The U.S. Department of 

Energy has projected that bio-based fuels and chemicals in the year 2030 will contribute to 

20% of US transportation fuel and 25% of the production of US commodities, respectively, 

in comparison to 0.5% and 5% in 2001 [6]. The success of the biorefinery is challenged by 

the selection of products. Top added-value platform chemicals that can be derived from 

biomass have been suggested by US department of energy including ethanol, furfural, 

glycerol and derivatives, lactic acid, succinic acid, hydroxypropionic acid/aldehyde, 
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levulinic acid, hydroxymethylfufural (HMF) etc. [1-3]. The technology development of 

these important building blocks has been summarized in reference [2].  Among these 

chemicals, intensive studies have been done on the production and conversion of HMF and 

furfural, which is the main focus of this work. 

 

1.1.1 Production of HMF and Conversion of HMF to p-Xylene 

 

HMF can be produced from the isomerization of glucose to fructose using Lewis acid 

catalysts and the subsequent dehydration of fructose to HMF using Brønsted acid catalyst 

such as hydrochloric acid, sulfuric acid. HMF can then be rehydrated to levulinic acid and 

formic acid [7-12]. The bottleneck in the production of HMF and levulinic acid from 

glucose has been the isomerization of glucose to fructose. Glucose conversion to fructose 

is obtained via fermentation using enzyme, which is very expensive and with low yield. 

Catalytic conversion of glucose to fructose can use either heterogeneous catalyst in water 

such as Sn-beta [13, 14] and related family of materials, or homogeneous catalyst including 

CrCl3, AlCl3, FeCl3, CuCl2, etc [15-21]. The high yield of HMF is challenged by humins 

formation from HMF, glucose or fructose. A popular approach for improving HMF yield 

is to remove HMF from the reaction medium (i.e. water) using either reactive extraction or 

reactive adsorption. In terms of reactive extraction, different solvents used in the 

production of HMF from glucose or starch have been studied and it is noted that 

tetrahydrofuran (THF) is a good extractant for the removal of HMF from aqueous phase, 

resulting in the highest selectivity of HMF [22]. Reactive adsorption integrates adsorbents 
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such as active carbon or zeolite to remove HMF from aqueous phase to minimize the 

humins formation [15, 23, 24]. 

HMF is the precursor of multiple chemicals and polymers including levulinic acid, 

formic acid, furan-2,5-dicarboxylic acid (FDCA) and 2,5-dimethylfuran (DMF) and  p-

xylene [2, 7, 8, 12].  DMF can be synthesized from the hydrodeoxygenation of HMF in 

either liquid-phase or vapor-phase using a 3:2 Cu:Ru/C catalyst, reaching 76 to 79% the 

overall yield of DMF [9]. DMF production can also be achieved using heteropoly acids in 

ionic liquids but with low yield [12]. Improved DMF yields can be obtained by using 

formic acid as a hydrogen source in THF solvent via Pd/C catalyst with 88% yield of DMF 

[10]. Then DMF can further react with ethylene to produce p-xylene via cycloaddition 

reaction. p-Xylene can be oxidized to terephthalic acid (TA) with high selectivity that 

results to a minimum 95% yield of TA [25]. Subsequently, TA can react with ethylene 

glycol to produce polyester polyethylene terephthalate (PET) -- a polymer resin broadly 

used in the synthesis of fibers, films, and beverage containers [26].  Brandvold introduced 

the idea to produce the p-xylene from DMF from a cycloaddition reaction using high-

surface-area activated carbon mixed with H3PO4. The minimum achieved selectivity and 

conversion were 60% and 50%, respectively [7]. Another alternative path for p-xylene 

synthesis is the reaction of DMF with acrolein, formed by glycerol dehydration. The 

reaction was carried out at 213K with 34% overall yield of p-xylene [8]. Most recently, 

William et al. were able to achieve 95% conversion and 75% selectivity of p-xylene starting 

with DMF and ethylene and using n-heptane as solvent / diluent and H-Y zeolite as 

dehydration catalyst [11]. 
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1.1.2 Production of Furfural and Conversion of Furfural to Phthalic Anhydride 

 

Furfural, one of these chemicals, has annual global production capacity around 

300,000 tons, and it is produced from the hydrolysis of xylan to xylose followed by xylose 

dehydration [27]. Its industrial production requires treatment of pentosan rich biomass with 

strong mineral acids and high-pressure steam and suffers from low furfural yields [27-30]. 

Recently a new approach with much higher yield has been developed. This process 

involves the utilization of milder acid hydrolysis, with autocatalysis by acetic acid (AAD) 

that is coproduced with furfural and formic acid, and integration with extraction to prohibit 

the production of humins [28, 31, 32].  

Furfural can be exploited to produce a range of important chemicals such as furan, 

maleic anhydride (MA), tetrahydrofuran (THF), furfuryl alcohol, etc. [29]. Furan is 

commercially produced either by the decarbonylation of furfural, or via the partial 

oxidation of 1,3-butadiene which is produced from the C4 fraction of naphtha and gas oil 

cracking [29, 33]. Decarbonylation can be achieved by the oxidative decarbonylation in 

the presence of steam [34, 35], or by the reductive decarbonylation [36-38]. It is noted that 

the oxidative decarbonylation requires higher temperature resulting in higher utility cost. 

In comparison, the reductive decarbonylation needs lower temperature and is carried out 

in either vapor phase with H2 [36-38] or in liquid phase [39, 40]. Vapor-phase 

decarbonylation occurs in presence of H2 with a supported precious metal catalyst, which 

has the advantages of high yield, and relatively simple catalyst recycling and regeneration 

[36-38]. The liquid-phase decarbonylation proposed in [39, 40] uses Pd/C catalyst at 423K, 

also achieving high yield but requiring much longer reaction time (hours). The separation 
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systems for both processes are very similar. Although the reaction temperature in the case 

of liquid phase reactions is about 150 K lower than that of the vapor phase ones, the latter 

has the advantage of short residence time (seconds) and in-line catalyst regeneration. 

Industrially, MA is produced by the oxidation of benzene or other aromatic compounds. 

Lately vapor-phase oxidation of n-butane has started to dominate the industry [41]. MA 

can also be renewably manufactured from vapor-phase oxidation of furfural [42-45]. High 

selectivity has been reported in the literature however the catalyst efficiency is very low 

leading to an extremely small feed stream that can be used. A path for converting furfural 

to phthalic anhydrite (PAN) is another recent discovery [46]. It involves the Diels-Alder 

cycloaddition of furan with MA followed by dehydration of the cycloadduct [46]. PAN is 

an important intermediate with annual global production around 3 million tons in 2000, 

which is mainly employed to manufacture phthalic plasticizers used in the production of 

flexible PVC conducts, and unsaturated polyester resin and alkyd resin that are for surface 

coating [47]. Some minor applications include polyester polyols, pigments, dyes etc. [47]. 

Traditionally petroleum-based PAN is produced from the catalytic oxidation of o-xylene 

or naphthalene at the range of 593 to 673 K using a modified vanadium pentoxide (V2O5) 

catalyst [47]. The selectivity of PAN is 70% and MA is coproduced with 10% selectivity 

[47].  

 

1.2 Process Systems Engineering Tools 

 

Considerable attention has been drawn on the biomass conversion to chemicals, while 

the majority has focused on trial-and-error catalyst discoveries of individual reactions. 
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There have been a number of publications in the last few years focusing on the techno-

economic evaluation and LCA of different technologies of biorefinery, such as 

fermentation, hydrolysis, direct combustion, pyrolysis and gasification combined cycle 

power systems. The majority of these studies are relating to the production of biofuel and 

biodiesel, for example references [48-58]. In comparison only a few of them have focused 

on the manufacture of bio-chemicals including HMF, levulinic acid, gamma-valerolactone, 

furfural etc [59-65]. However, it is believed that the production of both fuels and chemicals 

simultaneously is the only option to lead to the profitable biorefinery [4]. Moreover, 

provided different nature of biomass feedstock, especially related to oxygen content, 

different reaction and separation processes are required. The commercialization of bio-

based chemicals is still at an early stage of development and only a small number of 

commercialized processes exist toward the conversion of biofuel and biodiesel and limited 

amounts of pilot-scale processes have launched to manufacture biobased chemicals [66]. 

Known from previous experiences, the chance of commercializing a new process is only 

about 1 to 3% at experimental stage and increases to 10 to 25% at the development stage; 

thus it is significant to evaluate the process at the early stage [67]. Therefore, it is essential 

to implement process systems engineering tools to establish a sustainable production route 

to manufacture valuable chemicals. Process systems engineering tools incorporate 

computational tools to design, model, evaluate and optimize production processes. They 

are useful tools to facilitate the advancement of new processes, to assess and compare the 

feasibility of different alternatives, and to determine the most important parameters that 

have to be improved to promote process commercialization. In this study, systems 
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engineering tools are utilized to develop and explore biorefinery solution, involving 

following tools. 

 

1.2.1 Technoeconomic Analysis  

 

Technoeconomic analysis integrates conceptual process design and economic analysis. 

Economics is always a crucial factor for investors to assess the projects so that it is an 

effective and efficient tool to eliminate unfavorable designs and identify promising 

alternatives. Conceptual design is a systematic procedure to successively add the layers of 

details to find the economically feasible process flowsheet and the details can be found in 

reference [67]. More specifically, the different production alternatives are designed and 

simulated based on the experimental findings using a ‘simplified’ approach to estimate 

economic feasibility. Then upon the identified feasible alternatives, the detailed process 

flowsheet including both conversion and separation stages are designed and simulated 

using process simulator. After the entire process flowsheet is modeled, economic analysis 

is performed to calculate the capital and operating cost, and then determine the minimum 

product price that is defined as the price at zero net present value with the expected rate of 

return using the method of discounted cash flow. The minimum product price is used to 

compare the proposed alternatives with the existing technologies. Next, sensitivity analysis 

is used to evaluate the variability coming from the internal different sources of uncertainty 

and direct further studies towards improving the key process parameters (i.e. selectivity 

and conversion) and economic parameters such as the costs of raw material, catalyst, 

solvent, etc.  
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There is a variety of simulation software existing to perform the functions of process 

design and modeling including CHEMCAD [68], ASPEN [69, 70], gPROMs [71], etc. 

Based on our knowledge with similar systems [72, 73], Aspen [69, 70] includes both a 

simulator (Aspen Plus and Hysys) and an economic analyzer (Aspen Economic Analyzer) 

so that it provides a user-friendly interface to develop the process models followed by the 

techno-economic study. In addition, Aspen has one of the largest thermodynamic databases 

that include different kinds of molecules, ion and their mixtures, as well as large sets of 

data required for the economic evaluation. However, if deemed necessary, the 

thermodynamic models and/or parameters can be modified based on the experimental 

findings or datasets from literatures.  

 

1.2.2 Life Cycle Assessment 

 

It is important to evaluate environmental impacts and eventually to achieve an optimal 

balance between environmental impacts and process economics. The biobased products 

will be more easily accepted in the market place if they can successfully compete with 

petroleum-based products in terms of economics, reliability and sustainability [74]. Even 

though sometimes a higher cost is not ideal, it can be tolerated if the biobased process is 

more environmentally benign. Life cycle assessment (LCA) is a widely- implemented 

approach to quantify the environmental impacts and evaluate sustainability of chemical 

production processes. The existing LCA studies on biofuel production lead to controversial 

results indicating that such production is not always benign to the environment. Although 

bioethanol production reduces resource use and global warming, the impacts on 
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acidification, human toxicity and ecological toxicity occurring mainly during the growth 

and processing of biomass are often unfavorable [57]. Therefore it is crucial to evaluate the 

environmental merits of the biobased products in order to assess their sustainability 

comprehensively.  

Based on the definition by the International Organization for Standardization (ISO), 

LCA provides a systematic procedure designed to compile inventories of energy and 

material inputs and environment releases, and to assess the overall environmental impacts 

of a product or a process associated with economic, social and ecological impacts within 

the defined domain such as from-cradle-to-grave, from-cradle-to-gate and from-gate-to-

gate [58]. The systematic procedures can distinguish four main steps: (I) goal and scope 

definition, which first involves the stating and justifying the objective or aim of the study 

and specifying the application, initiator, stakeholders and commissioners;  then includes 

the definitions of temporal, geographical and technology scopes; and last contains the 

definition of function, function unit and references. (II) Inventory analysis defines the 

product system involving setting the system boundaries, designing the flow diagrams, 

collecting the data and performing allocation steps and completing the final calculation.  

There are different database from different countries existing to calculate life cycle 

inventory such as US LCI, ELCD, US Input Output, EU and Danish Input Output, Swiss 

Input Output etc. (III) Impact assessment is further to handle and interpret the life cycle 

inventory (LCI) in terms of environmental impacts and societal preferences with the stages 

of characterization, damage assessment, normalization and weighting. There are two often-

used methods -- “endpoint” and “midpoint” indicators including CML 2001, Eco-indicator 

99, EDIP 2003 and EPS 2000. (IV) Interpretation involves an evaluation and analysis of 
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results, the formulation of the conclusions and the recommendations of the study (i.e. the 

contribution analysis, perturbation analysis, sensitivity analysis and uncertainty analysis) 

[75, 76]. There are some existing commercial LCA software GaBi® [77] and Simapro® [78] 

which are utilized to model products and systems from a life cycle view.  

 

1.2.3 Heat integration 

 

It is essential to perform heat integration to achieve the energy efficiency of the entire 

process and reduce the energy consumption. Intensive studies focused on the development 

of strategies of heat integration specifically heat exchanger network synthesis (HENS) 

problem and details can be found in the excellent reviews by Linnhoff [79], Gundersen and 

Naess [80], and Furman and Sahinidis [81]. The basic HENS problems are defined as:[82] 

Given  

 A set of hot process streams to be cooled and a set of cold streams to be heated  

 The flowrates and of all the process streams 

 The inlet and outlet temperatures and the heat capacities of all the process streams 

 The available utilities and temperatures, and the units cost of the utilities 

the basic problem is to develop the heat exchanger network with minimum the annualized 

cost of equipment investment and operating cost. The main approaches to HENS can be 

categorized into sequential synthesis and simultaneous synthesis. The sequential synthesis 

divides the HENS problem into a series of subproblems that reduce the computation efforts 

and achieve a network but does not guarantee the minimum annualized cost. The sequential 

synthesis contains two sub-categories of evolutionary design methods such as pinch 
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analysis and mathematical programing. The simultaneous synthesis is aimed to achieve the 

optimal network without decomposition of the problem via formulating a MINLP subject 

to various simplified assumptions. The drawback of the simultaneous HENS is no splitting 

or mixing of streams are allowed [81]. 

However, since the main focus of this work is to design a more economically and 

environmentally friendly process, an existing analysis tool within the process simulation 

software package – Aspen Energy Analyzer® is used to implement heat integration. Aspen 

Energy Analyzer® can automatically generate the optimal HENS using a three-step 

procedure. Specifically the first step employs linear programming to simultaneously 

optimize heat exchange area and heat load for each utility in order to eliminate poor 

matches, which does not consider the number of heat exchange units in the objective 

function. At the second step a mixed integer linear programming problem based on the 

approach developed by Shethna [83] is incorporated to simultaneously optimize the 

number for heat exchanger units, heat exchanger area and heat loads on each utility so that 

the total annual cost is minimized subject to the heat balance constraints. The solution of 

the optimization model obtain an optimal approach temperature for each match pair, the 

heat loads on every match pair and each utility, however the position information of the 

exchangers are not determined. The last step is a superstructure model formulated using 

mixed integer linear programming, which is based on the robust approach proposed by Yee 

and Grossmann [84]. The approach uses stage-wise representation that each stream is 

divided into a given number of stages and in each stage a heat exchanger is placed on each 

match pair obtain from the second step.  This model satisfies the optimal heat load 

distribution obtained from the previous step and generates an optimal network that 
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simultaneously optimizes utility cost, the numbers of heat exchangers and selection of 

matches [85]. 

 

1.2.4 Process Flowsheet Optimization 

 

Process flowsheet optimization are implemented to select the optimal alternative to 

retain the competitive edge in economics. Little attention has been given to the production 

of biochemicals that can successfully be integrated in future biorefineries. The relating 

studies of process optimization in biomass processing include the integration of 

biorenewable resources to configure the optimal thermochemical, biochemical, and 

catalytic conversion paths and to achieve optimal economic and environmental 

performance given the available feedstocks and desired products [55, 86-99], and the 

generation process for the simultaneous production of transportation fuels, energy, and fine 

chemicals from coal, biomass, or natural gas feedstock [100-104]. The majority of these 

studies utilize the superstructure concept for process synthesis and incorporate simplified 

models of mass and energy balances.  

To achieve better accuracy, in this work the unit models are simulated by detailed 

models or simulators. Deterministic optimization solvers cannot be directly applied in such 

cases where the simulation is expensive to evaluate for the approximation of derivatives, 

or the derivatives of the original functions are inaccessible or cannot be accurately 

estimated due to noise [105-107]. Thus derivative-free optimization (DFO) methods, 

specifically surrogate-based optimization, is herein applied. Different algorithms of 

derivative-free optimization including both direct search and surrogate-based optimization 
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have been summarized in references [108, 109]. Surrogate-based optimization is that, the 

original model is used as a source of “computational experiments” to generate data points 

and then a simpler model is built with these data points [110]. Thus, this work is aimed to 

implement surrogate-based techniques to explore the process flowsheet optimization in the 

production of biobased chemicals. 

 

1.2.5 General Framework 

 

Combining these process systems engineering tools, the overall framework we used in 

our work is shown in Figure 1-1. The process is initially designed and simulated based on 

lab-scale experimental data and information found in the literature. The simulation is 

performed using Aspen Plus and the process is evaluated by Aspen Economic Analyzer. 

Next, the process stream results from the simulations are transferred into Aspen Energy 

Analyzer to design and improve the heat exchanger network (HEN). The optimal HEN 

design is then integrated in the original process flowsheet developed in Aspen Plus. In the 

following stage, the flow streams and the energy consumptions are translated into Life 

Cycle Inventory (LCI) and subsequently utilized to perform the preliminary LCA using the 

SimaPro® software. The economics and LCA results are employed to guide the 

modification of the process design to improve the sustainability of the system. Based on 

the results of the modified process, all the steps are then repeated to arrive to a more 

sustainable and energy efficient production platform. If additional modifications are 

identified the entire steps can be repeated. Finally process optimization and synthesis are 

performed based on known design, economics and environmental impacts to achieve 
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optimum process design conditions and compare with alternatives. Finally, process 

flowsheet optimization is incorporated to select the optimal design specification and 

compare different alternatives.  

 

 

 

Table 1-1 The overall framework for the design of an economic, sustainable and energy 

efficient production 

 

1.3 Outline of Dissertation 

 

The following section of this dissertation is divided into five chapters. Chapter 2 

describes the technoeconomics analysis of different alternatives to produce p-xylene. 

Chapter 3 evaluates the environmental impacts on the production of biobased p-xylene 

based on that discoveries from Catalytic Center for Energy Innovation (CCEI) that is 

described on Chapter 2. Chapter 4 focuses on the evaluation on the phthalic anhydride 
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production from hemicellulose using technoeconomic analysis and LCA. Chapter 5 

elaborates the frame to perform process flowsheet optimization using surrogate-based 

models and applied it in the case of the production of HMF from glucose. The final chapter 

summarizes this study and presents the critical issues raised from this work that are 

proposed to be solved in the future. 
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Chapter 2 The Production of Biobased p-Xylene Production: 

Technoecnomic Analysis 
 

 

2.1 Background 

 

Biobased p-xylene (pX) has drawn considerable attention because it is the principal 

precursor to polyester polyethylene terephthalate (PET), a polymer resin broadly used in 

the synthesis of fibers, films, and beverage containers [26]. Several companies, such as 

Coca Cola, Pepsi and Procter & Gamble, have launched their projects towards the 

utilization of bio-based PET [111-113]. P-xylene derived from HMF is a biobased 

alternative. p-Xylene can be produced through a cycloaddition reaction of DMF using n-

heptane as solvent / diluent and H-Y zeolite as dehydration catalyst [11]. This production 

route is based on the discoveries of Catalytic Center of Energy Innovation; therefore it is 

denoted by CCEI process. 

Two companies (Gevo Inc. and Virent Energy system Inc.) have announced the pilot 

scale production of bio-based p-xylene [60]. Unfortunately there are no sufficient details 

in the literature that will allow the evaluation of the Virent process at this stage. Brief 

comparison with GEVO production route will be involved. Gevo route starts with the 

fermentation of biomass to form iso-butanol. Bio-based iso-butanol draws a lot of attention 

because it can be used as a high-energy-density biofuel as well as a precursor for the 

production of commodity chemicals such as p-xylene [114-116]. The production of iso-

butanol however using fermentation of biomass can only be accomplished economically 

by metabolically engineered yeast or Escherichia coli microorganisms (biocatalyst). 



17 

 

Although a small amount of iso-boutanol has been produced as a microbial by-product, no 

native microorganism has been identified to produce iso-butanol in large amounts [114, 

115]. The next steps on GEVO process is the conversion of iso-butanol to p-xylene 

following dehydration, dimerization and dehydrocyclization [117] 

Kazi et al. [59] performed an economic analysis of HMF production from fructose 

using n-butanol and determined the minimum cost of HMF to be $1070/metric ton (based 

on 2007 prices for raw materials). Torres et al. [60] studied the same process using 7:3 

MIBK:2-butanol as a solvent that resulted in a minimum cost of HMF of $1189.44/metric 

ton. The main difference between the two studies is the cost of fructose, which is a 

significant factor of HMF cost. 

 

2.2 Reaction Paths 

 

The reaction routes explored in this work are shown in Figure 2-1. In the CCEI process 

starch is converted to HMF in a biphasic reactor. This process is integrated with the 

conversion of HMF to DMF, and its further transformation to p-xylene [61]. In particular, 

starch is depolymerized into glucose in the presence of HCl at pH equal to 1. Glucose is 

then isomerized to fructose, and dehydrated to HMF using Sn-Beta as isomerization 

catalyst and HCl as dehydration catalyst. These reactions proceed in a biphasic reactor in 

which the aqueous phase is saturated with NaCl salt and THF is used as the organic solvent/ 

extractant. The volumetric ratio of THF to water is 3:1 [13]. The byproducts herein contain 

formic acid, levulinic acid, and humins. The production of DMF from HMF proceeds in 

the vapor phase using copper-ruthenium-carbon (Cu-Ru/C) catalyst at 493K and 0.69MPa 

[32]. At this reaction step, the main byproduct is the 2,5-dihydroxymethyltetrahydrofuran 
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[32]. The byproduct formic acid that comes from HMF production was reported to 

decompose to H2 and CO2 at the reaction conditions [118]. At the next step, DMF reacts 

with ethylene and forms p-xylene at 523K and 5.2MPa using a zeolite catalyst in the 

presence of n-heptane/tridecane solvent. The production follows a Diels-Alder 

cycloaddition and dehydration reaction. The competitive side reactions include the 

hydrolysis of DMF to 2,5-hexanedione, and oligomerization or polymerization and 

alkylation of p-xylene [11].  

In GEVO’s route, starch is depolymerized to glucose using α-amylase and 

glucoamylase (saccharification), followed by the conversion to iso-butanol using 

metabolically engineered microorganisms (fermentation) such as post- or pre- WGD 

(whole genome duplication) yeast recombinant microorganisms [119]. During the 

saccharification and fermentation processes different byproducts are produced such as 

acetate salt and acetic acid [120]. Iso-butanol is then dehydrated to iso-butene using a γ-

alumina catalyst at 563K and 5.15MPa. The byproducts of this reaction include n-butene. 

The iso-butene is then oligomerized to iso-octene using HZSM-5 catalyst at 343K and 

5.27MPa. The byproducts involve the trimmers of iso-butene. Iso-octene is then 

dehydrocyclizated to produce p-xylene with 90% selectivity at 823K and 0.14MPa. Side 

reactions produce o-/m-xylene, iso-octane, iso-butane, benzene, toluene, C9+ aromatics, 

iso-olefins and methane [121]. The byproducts such as iso-butane, n-butane and iso-octane 

are treated as diluents and are recycled to enhance the conversion of both oligomerization 

and dehydrocyclization reactions [121]. 
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(a) 

 



20 

 

 

(b) 

Figure 2-1 Reaction Paths of (a) the CCEI process and (b) the GEVO process 

 

2.3 Process Design and simulation 

 

The simulation of the production processes is performed using Aspen Plus® V7.3.2. 

NRTL method is utilized to predict the liquid-liquid and liquid-vapor behavior. In 

particular, ELECNRTL method, which is the most versatile electrolyte property method 

that can handle aqueous and mixed solvent systems method, is selected for the units 

involved salts [122]. Peng-Robinson method is exploited for the decanter that is used to 

separate DMF and water because it is found to produce more reliable results compatible 

with the solubility properties of DMF, which is known to be slightly soluble in water. Most 
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of components involved in the reactions are directly selected from Aspen database, whereas 

some not included in the database (i.e. HMF, 2-methyl-5-hydroxymethylfuran) are defined 

by the structures. Also there are some components with no specific molecular structure or 

complex structure such as humins for which surrogates are then used. Due to the unknown 

structure of humins, they are modeled as the polymer of acetylacetone. Trimmers of iso-

butene in Gevo process may contain different types of compounds, but they are represented 

by 1-dodecene in this work. All the missing parameters are estimated by the molecular 

structures using the Unifac Model and thermo data engine (TDE). TDE is a thermodynamic 

data correlation, evaluation, and prediction tool developed by the collaboration of Aspen 

plus and the National Institute of Standard and Technology.  

 

Table 2-1 The Specification of Reactions 

(a) CCEI 

Reaction Starch to HMF HMF to DMF DMF to pX 

Catalyst Isomerization: Sn-Beta 

Dehydration: HCl 

Cu-Ru (3:2)  HBEA-catalyst 

Solvent: heptane/tridecane 

T (K) 453 493 523 

P (kPa) 1500* 680 5200 

Conversion 75 100 90 

Selectivity 69 79 85 

Ref [13] [32] [123] 

 

* The reactor pressure is determined by Aspen Plus simulation to satisfy the existence of a 

liquid-phase. 
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(b) GEVO 

Reaction Starch to 

Glucose 

Glucose to 

isobutanol 

Isobutanol 

to isobutene 

Isobutene 

to 

isooctene 

Isooctane to p-

xylene 

Catalyst α-

amylace 

enzyme 

glucoamylase 

enzyme and 

metabolically 

engineered yeast  

γ-alumina  HZSM-5  chromium 

oxide doped 

alumina 

catalyst 

T (K) 372 305 563 343 823 

P (kPa) 100 100 5150 5270 140 

Conversion 95 99.5 98 77 47 

Selectivity 100 91.46 96.9 97.4 90 

Ref [117, 

119] 

[117, 119] [117, 119] [117, 119] [117, 119] 

 

To enable the process simulation, reaction details and parameters are selected from 

existing literature and listed in Table 2-1. In the reaction of HMF from starch, the addition 

of NaCl and THF is used to improve the extraction. In a biphasic reactor for the conversion 

of glucose to HMF, 93% of HMF and 30% HCl are assumed to exist in organic phase [124]. 

It is also assumed that the partition coefficients of formic acid and levulinic acid are the 

same as HMF. It is assumed that the selectivity to levulinic acid, to formic acid, and to 

humins is 7.5%, 18.17%, and 5.33% respectively [60]. At this concentration level, the 

byproducts (formic and levulinic acid) do not affect the conversion and selectivity of the 

following reactions. The validity of this assumption was verified with limited number of 



23 

 

experiments carried out at CCEI. Thus no separation steps are considered before reaction 

of DMF to pX. It is possible however, that this assumption is not valid if the byproduct 

concentration is significantly different than what assumed here. In that case additional 

separation or purification steps might be required. Based on the literature, formic acid 

decomposes to H2 and CO2 at the conditions of HMF conversion to DMF. To account for 

this, 75% conversion of formic acid is assumed  [118]. Both the intermediate (2-methyl,5-

hydroxymethylfuran) and the byproduct (2,5-dihydroxymethyltetrahydrofuran) co-exist in 

the HMF conversion to DMF [125]. Since the detailed reaction mechanism is not known, 

the effect of solvent on conversion and selectivity has not been explicitly considered in this 

study. In other words, the same conversion and selectivity is assumed with using THF as 

solvent as that with n-hexanol.  

 

2.3.1 Process diagrams and descriptions 

 

CCEI process 

The p-xylene production using the CCEI-process is based on the laboratory-scale 

biphasic reaction for the conversion of starch to HMF in water using THF as the organic 

solvent [13], integrated with the HMF to DMF and DMF to p-xylene routes. The detailed 

process diagram of the process is shown in Figure 2-2. (The following description refers to 

the stream numbers shown in the figure). Starch solution (Stream 1) including makeup 

NaCl and HCl are pumped into a biphasic reactor (R1) mixed with the recycle stream (10) 

that containing mainly water and unreacted components. Solvent THF (3, recycling stream 

12 and 23) are added to generate two phases. The volume ratio of organic and aqueous 
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phases is 3:1 [13]. The aqueous phase (Stream 5), containing mainly water, other 

components such as starch, glucose, fructose, HMF, levulinic acid, formic acid, NaCl 

(which based on the partition coefficients reported is primarily in the aqueous phase) and 

the solid byproducts humins, enters a filter to remove solids and recycle the other 

components (Stream 6). Stream 6 is fed into a flash drum (FL2) to avoid the accumulation 

of CO2 that is produced by the decomposition of formic acid. The organic rich phase 

(Stream 11), which is comprised of THF, water, HMF, formic acid and levulinic acid, is 

fed into a flash (FL1) to recycle the excess THF to R1 and form a 10 wt% HMF in THF 

solution (Stream 13), which also contains some amount of formic acid, and levulinic acid.  

Stream 13 is evaporated and then enters a fluidized bed reactor (R2) together with the 

recycled intermediate 2-methy-l,5-hydroxymethylfuran and the unreacted HMF (Stream 

17). Compressed hydrogen is fed to R2 to participate in the reaction with HMF to form 

DMF (Stream 17). The reaction proceeds in the vapor phase using Cu-Ru/C catalyst at 

493K and 0.69MPa. The excess hydrogen (stream 18) is collected from the top of the 

vapor-liquid-liquid flash (FL3) and then is washed by a scrubber to remove partial of CO2 

to recycle back to R2. Most of water is removed from the bottom stream (Stream 21) of 

FL2. Organic phase (stream 22) is connected to a distillation column (DC1) to separate and 

recycle THF and water (Stream 23). The rest of the components from the bottom (Stream 

24) enter a second distillation column (DC2) that is used to purify DMF (Stream 25) from 

the high boiling point intermediates and byproducts (Stream 26). Stream 26 is separated 

into the 2-methy-l,5-hydroxymethylfuran (Stream 27) and byproducts (Stream 28) via 

another distillation column (DC3). Stream 28 enters one more distillation column to split 

into 2,5-dihydroxymethyltetrahydrofuran and levulinic acid. 
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Purified DMF (Stream 25) is mixed with n-heptane and tridecane, recycle solvent and 

unreacted components (Stream 24) to pump to a CSTR (R3). Ethylene feed is compressed 

to R3. p-Xylene (Stream 20) is produced with the main byproducts consisting of 1-ethyl-

2,5-dimethylbenzene, 2,5-hexanedione and oligomers products, all of which have higher 

boiling points than p-xylene. A decanter is then used to remove most of water. Stream 35 

is fed to a distillation column (DC5) to split the unreacted raw materials and solvents 

(Stream 37). Heavy stream (36) enters another distillation column (DC6) to recycle 

tridecane (Stream 40). Stream 39 is purified using a distillation column (DC7) resulting in 

99.5wt% pure p-xylene. 

 

GEVO process 

The GEVO process development is based on the patented process of iso-butanol 

fermentation and p-xylene production from iso-butanol [117, 119]. The detailed process 

diagram is shown in Figure 2-3. (The following description refers to the stream numbers 

shown in the figure). Starch, steam, and recycled water (Stream 15) containing unreacted 

components are fed to a pretreatment reactor (R1) to depolymerize to glucose by α-amylace 

enzyme. The outlet stream 1 is cooled to about 32 ˚C and fed to a fermentor (R2) with 

recycled slurries (Stream 6) from the bottom of the vacuum flash (FL1) containing cells, 

water, nutrients, carbohydrates, and about 2wt% unvaporized iso-butanol. Saccharification 

and fermentation occur simultaneously to produce iso-butanol using glucoamylase enzyme 

and metabolically engineered yeast at about 32˚C and atmospheric pressure. Stream 2 

containing about 4 wt% butanol from reactor (R2) enters a flash (FL1) that operates at 34˚C 

and vacuum (about 0.0067 MPa) to form an azeotropic vapor of iso-butanol and water 
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(Stream 5). Stream 5 is then pumped by the vacuum pump (VP1) to a condenser (CD1) to 

remove CO2 (Stream 9). The condensed liquid phase (Stream 10) is separated into a butanol 

rich phase (Stream 12) and a water rich phase (Stream 11) using a decanter (D1). The water 

rich heavy phase (Stream 11), as well as Stream 18 from decanter (D2) and Stream 24 from 

decanter (D3), are fed to a beer still column (BC1). A butanol-water azeotropic Stream 13 

is generated at the top of beer still and fed to another condenser (CD2) to collect CO2 

(Stream 16), followed by another decanter (D2) to separate into a water rich heavy phase 

(Stream 18) and butanol-rich light phase (Stream 19). The butanol-rich streams (12, 19 and 

25) from three decanters (D1, D2 and D3) connect to a distillation column (DC1) to remove 

water. An iso-butanol-water azeotrope (Stream 20) from the top is fed into third condenser 

and decanter (CD3 and D3) to remove CO2 (Stream 22) and produce water-rich phase 

(Stream 24) and butanol-rich phase (Stream 25). Stream 21 then enters another distillation 

column (DC2) to remove acetic acid and produce purified iso-butanol (Stream 26) [119].  

Iso-butanol (Stream 26) is fed to a fixed-bed catalytic reactor (R3) and is dehydrated 

to iso-butene (Stream 27) using a γ-alumina catalyst. A decanter (D4) is used to remove 

most of the water of stream 27. Iso-butene (Stream 29), as well as recycling stream (37) 

that contains unreacted iso-butene and diluents such as iso-butane and n-butane, enters the 

oligomerization reactor (R4) to produce iso-octene (Stream 30) using HZSM-5 catalyst. 

The byproducts involve trimers of iso-butene. Stream (30) passes through a valve to reduce 

the pressure and forms stream (31). Stream (31) combined with the recycle stream (18) 

containing unreacted iso-octene, and diluents such as isooctane, enters the 

dehydrocyclization reactor (R5) to produce p-xylene at 823K and 0.14MPa. Side reactions 

produce o-/m-xylene, iso-octane, iso-butane, benzene, toluene, C9+ aromatics, iso-olefins, 
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and methane. A flash (FL2) is used to remove the light components, which is connected to 

another flash (FL3) to remove hydrogen and methane (Stream 36) and to recycle other light 

components (Stream 37). Stream (34) from the bottom of (FL2) is pumped to a distillation 

column (DC3). The light byproducts such as benzene and toluene are collected from the 

top (Stream LPROD), whereas the bottom stream (38) is fed into another distillation 

column (DC4) to remove the heavy byproducts that involve C9+ aromatics and trimmers 

(Stream HPROD). A distillation column (DC5) is used to recycle unreacted iso-octene and 

diluent iso-octane (Stream 40).  Stream (41) consisting mainly of p-xylene and o-xylene is 

separated via a distillation column (DC6) to achieve a 99.5wt% pure p-xylene [117]. 

 

2.3.1 Simulation Results 

 

The capacity CCEI processes is 600k metric ton of starch per year. CCEI process 

requires other raw materials such as 12.88k metric ton/year of hydrogen and 57.76k metric 

ton/year of ethylene to achieve 174.34k metric ton/year of p-xylene. The detailed flowrate 

and compositions are shown in Table 2-2. The energy consumption of this process is 

essential so that the heat integration is performed using Aspen Energy Analyzer. The 

energy consumption is shown in Table 2-3. The main product of CCEI process is p-xylene. 

Therefore CCEI process requires fewer and simpler separation steps thereby reducing the 

related cost. Other byproducts include such as 2,5-dihydroxy-methy-ltetrahydrofuran, 2,5-

hexanedione, oligomers and 1-ethyl-2,5-dimethylbenzene. Most of these byproducts have 

not been used for other purposes, so more studies are required to improve the selectivity of 

p-xylene or to identify commercial value for these products. 
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The main drawback of the CCEI process is the need for large amount of solvent. 10% 

starch aqueous solution is used initially based on the existing literature data. Higher 

concentrations of starch can be achieved, but since there are no data regarding the impact 

of initial biomass concentration on the conversion and selectivity, 10% is used in this work. 

3:1 volumetric ratio of organic to aqueous phase is used in the experiment [13] to achieve 

better phase partition and high selectivity of HMF, which results in large amount of solvent. 

However, the large amount of solvent causes difficulties in the separation process and 

results in increasing utility costs.  

In comparison, GEVO process produces 103.96k metric ton/year of p-xylene as well 

as several byproducts including solid waste (stream SW) and other commodity chemicals. 

Solid waste, which comprises of unreacted starch, enzyme nutrients, solid waste from 

fermentation such as acetate salts, etc., can either be sold as animal feed or burnt as fuel. 

Other commodity chemicals that are commonly produced in the petroleum refineries such 

as methane, H2, olefins, etc. are also produced. Thus, this process has a high potential if 

other options are exploited in the production moving towards an integrated biorefinery. In 

this work, the target is to produce bio-based p-xylene; therefore, no further purification of 

other byproducts is considered. Many of the components for GEVO process have very 

similar boiling points, resulting in loss of intermediate materials and products during the 

separation process. In addition, in the GEVO process benzene, toluene and other xylene 

isomers are also formed. These chemicals are also made in the existing petroleum-based p-

xylene production via catalytic reforming of naphtha [117, 126]. Such byproducts have 

close boiling points, making the purification of p-xylene a difficult process. Based on the 

normal boiling and melting points of p-, m- and o-xylene it is difficult to separate xylene 
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isomer mixtures especially to separate p-xylene from m-xylene. Considering that the 

existing byproduct is mainly o-xylene, we assume no existence of m-xylene. Therefore, 

one distillation column can separate p-xylene and o-xylene, though a large one with high 

reflux ratio is used to achieve 99.5wt% of p-xylene of final product. However, if m-xylene 

is necessarily to be included, then other technologies are needed to purify xylene isomers. 

Adsorption using UOP Parex process and Toray Aromax process is two common ones 

[127]; while crystallization is another potential alternative for p-xylene recovery. In the 

latter case, high capital and utility cost are expected due to the really low operating 

temperature and low recovery of p-xylene (60-70%) [128]. However, the integration with 

adsorption increases the concentration of p-xylene in the feed stream of crystallization and 

reduces both utility and capital cost [128, 129]. Both crystallization and adsorption requires 

the use of multiple units. 
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Figure 2-2 Process diagram of CCEI production: Section I: Isomerization and dehydration of glucose to HMF; Section II: HMF  
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Figure 2-3 Process diagram of GEVO process [117, 119] 
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Table 2-2 Results of Flowrate and compositions 

Section I: 

ton/hr STARCH                    HMF                        FA                    HCL                      H2O NACl                  LA                  HUMINS                     THF                       DMF                        H2          CO2                      

1/2 75.00  0.00  0.00  0.10  0.14  1.00  0.00  0.00  0.00  0.00  0.00  0.00  

3/4 0.00  0.00  0.00  0.00  0.00  0.00  0.00  0.00  1.80  0.00  0.00  0.00  

5 19.76  2.79  4.25  4.21  1173.16  50.00  1.55  3.40  17.67  0.05  0.00  12.03  

6 19.37  2.73  4.17  4.13  1149.69  49.00  1.52  0.03  17.31  0.05  0.00  11.79  

7 0.40  0.06  0.09  0.08  23.46  1.00  0.03  3.37  0.35  0.00  0.00  0.24  

8 0.00  0.00  0.00  0.02  0.06  0.00  0.00  0.00  0.09  0.00  0.00  2.64  

9/10 19.37  2.73  4.17  4.11  1149.63  49.00  1.52  0.03  17.22  0.05  0.00  9.15  

11 0.06  38.29  31.92  1.05  58.30  0.00  11.95  0.00  2644.03  0.20  0.01  1.46  

12 0.00  0.77  27.55  1.05  55.81  0.00  0.70  0.00  2215.50  0.14  0.01  1.46  

12-rec 0.00  0.77  27.54  1.05  55.78  0.00  0.70  0.00  2214.40  0.14  0.01  1.45  

12-purge 0.00  0.00  0.01  0.00  0.03  0.00  0.00  0.00  1.11  0.00  0.00  0.00  

13 0.06  37.52  4.37  0.01  2.49  0.00  11.25  0.00  428.52  0.06  0.00  0.01  
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23-rec 0.00  0.00  0.00  0.01  8.06  0.00  0.00  0.00  428.27  0.06  0.00  2.89  

23-purge 0.00  0.00  0.00  0.00  0.00  0.00  0.00  0.00  0.21  0.00  0.00  0.00  

 

Section II 

ton/hr   STARCH                HCL                       H2O                    LA THF                      DMF                      MHMF                       DHMTHF                   H2                   CO2                      

15 0.00  0.00  0.00  0.00  0.00  0.00  0.00  0.00  1.61  0.00  

17 0.06  0.01  11.24  11.66  429.65  23.42  1.39  7.38  0.07  4.26  

18 0.00  0.00  0.05  0.00  1.13  0.02  0.00  0.00  0.07  1.37  

19 0.00  0.00  0.04  0.00  1.13  0.02  0.00  0.00  0.07  0.07  

20 0.00  0.00  0.00  0.00  0.00  0.00  0.00  0.00  0.00  1.30  

21 0.01  0.00  3.14  0.00  0.00  0.00  0.00  0.00  0.00  0.00  

22 0.05  0.01  8.06  11.66  428.52  23.39  1.39  7.38  0.00  2.89  

23 0.05  0.00  0.00  11.66  0.04  23.34  1.39  7.38  0.00  0.00  

24 0.00  0.00  0.00  0.00  0.04  23.22  0.00  0.00  0.00  0.00  

25 0.05  0.00  0.00  11.66  0.00  0.12  1.39  7.38  0.00  0.00  
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27 0.00  0.00  0.00  0.41  0.00  0.12  1.37  0.01  0.00  0.00  

28 0.00  0.00  0.00  11.25  0.00  0.00  0.02  7.37  0.00  0.00  

 

Section III 

ton/hr H2O                      THF                        DMF                        ETHYLENE                   HEPTANE                  PX               HEXANED                  ETHYLPX                 DIMCLC                   TRIDECAN                 

25 0.00  0.04  23.22  0.00  0.00  0.00  0.00  0.00  0.00  0.00  

29 0.00  0.00  0.00  0.00  0.35  0.00  0.00  0.00  0.00  0.05  

32/33 0.00  0.00  0.00  7.22  0.00  0.00  0.00  0.00  0.00  0.00  

34 4.70  7.14  2.58  1.68  65.80  21.79  0.91  3.25  0.58  19.22  

35 0.72  7.14  2.58  1.68  65.80  21.79  0.91  3.25  0.58  19.22  

36 3.98  0.00  0.00  0.00  0.00  0.00  0.00  0.00  0.00  0.00  

37 0.72  7.14  2.58  1.68  65.78  0.00  0.00  0.00  0.00  0.00  

37-Rec 0.72  7.11  2.57  1.67  65.45  0.00  0.00  0.00  0.00  0.00  

37-purge 0.00  0.04  0.01  0.01  0.33  0.00  0.00  0.00  0.00  0.00  

38 0.00  0.00  0.00  0.00  0.02  21.79  0.91  3.25  0.58  19.22  
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39 0.00  0.00  0.00  0.00  0.02  21.79  0.90  3.18  0.58  0.05  

40 0.00  0.00  0.00  0.00  0.00  0.00  0.01  0.08  0.00  19.17  

41 0.00  0.00  0.00  0.00  0.02  21.79  0.08  0.00  0.00  0.00  

42 0.00  0.00  0.00  0.00  0.00  0.00  0.82  3.18  0.58  0.05  

 

Table 2-3 Utility consumptions 

Utility Load(KJ/hr) 

CW 1.309e9 

LP 8.722e8 

HS 2.834e8 

HO 2.787e7 

Electricity 2.640e7 
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2.4 Economics Analysis 

 

Aspen Economic Analyzer® V7.3.2 is used to perform economic assessment of the p-xylene 

production. All the equipment and operating costs estimated by Aspen Economic Analyzer® 

V7.3.2 are based on the price of the first quarter in 2011 [130]. The discounted cash flow analysis 

is utilized to perform the economic evaluation of the different processes. The production cost of 

p-xylene is used to determine the minimum p-xylene cost, which is defined as the selling price of 

the product when the net present value (NPV) is zero [131]. Some additional assumptions are 

necessary to perform the economic analysis: 

1. The capacity of base scenario is assumed 600000 metric ton/year of dried starch. Corn 

starch is considered as biomass feedstock. The cost of corn starch is averaged to 13.29 cents per 

lb ($293/metric ton) based on the data of 2012 from USDA [132].  

2. The plant operates in a continuous mode for 8000 hours per year. The economic life of the 

project is assumed to be 20 years. The internal rate of return (ROR) on investment and the rate of 

escalation are assumed as 15% and 3.5%, respectively. 35% tax is applied to the profits. The 

simplest depreciation method -- the straight-line method is applied as the salvage value is 10% of 

the original capital cost after 20 years. 

3. The market price of THF is estimated as $1500/metric ton based on the average prices 

reported at www.alibaba.com [61] - a worldwide e-commerce market site originally from China. 

The price of chemicals may vary with many factors, such as season, location, producer, policy, etc. 

To address this introduced uncertainty, sensitivity analysis is carried and presented in the section 

of sensitivity analysis. 

4. The cost of hydrochloric acid is $115/metric ton [133] and of NaCl $190/metric ton [61]. 

http://www.alibaba.com/
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5. Other costs include raw materials, solvents and other catalysts: ethylene price is 

$1202/metric ton and hydrogen is priced at $631/metric ton [61]. The market price of n-heptane 

and tridecane is estimated as $1500/metric ton and $3250/metric ton.  

6. The catalyst costs are taken as the average of the prices reported in www.alibaba.com [61]. 

The unit cost of Sn-Beta zeolite catalyst is assumed as $10000/metric ton. The molar ratio of Sn-

Beta assumed for the reaction is 1:200 of metal:glucose [13] leading to 913.4 ton/charge. The overall 

catalyst life is usually between 6 to 24 months and hereby assumed to be six months based on the 

conservative estimation [134-136]. Thus the capital of Sn-Beta is $9.1 million and the operating 

cost is $18.3 million $/yr. The consumption of HBEA-zeolite is estimated at 10 metric ton/charge 

with a fixed cost at $5000/metric ton, leading to zeolite cost is $0.05 million of capital cost plus 

$0.1 million/year. The total amount of catalyst is estimated based on the bench-scale data. The 

catalyst cost of Cu-Ru/C is estimated as precious metal cost plus $11000/ton of supported catalyst 

and catalyst manufacturing [59]. The amount of Cu-Ru/C is 116.07/charge. 99% of precious metals 

are assumed to be recovered so that 1% of makeup metal and the catalyst support and 

manufacturing cost are required every six months. Therefore, Cu-Ru/C catalyst cost is $15.1 

million as initial investment plus an additional cost of $2.5 million/year.  

7. The enzyme price is assumed to be $821/metric ton and it is estimated that 12000 metric 

ton/year will be required [137].  The microorganisms used for the fermentation of iso-butanol are 

assumed at higher cost ($1642/metric ton) since they are metabolically engineered. The 

metabolically engineered microorganism to starch ratio is assumed to be 10:1, which results in 

60000 metric ton/year [121]. 

8. The price of γ-alumina that is used in the iso-butanol dehydration reaction is $1400/metric 

ton. The life cycle of alumina catalyst depends on the nature of the feed, the temperature and other 

http://www.alibaba.com/
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operating conditions, which affect the life cycle of alumina catalyst that can vary from months to 

years [138]. For the base scenario calculation, median life cycle of six months is used. A weight 

hourly space velocity (WHSV) of 10 hr-1  is assumed for the dehydration reaction which represents 

the mass flow rate over catalyst [121]. The price of H-ZSM-5 catalyst used in the iso-butene 

oligomerization is related to the zeolite topology and the detailed composition of the catalyst. The 

median unit price of ZSM is used that is $5000/metric ton [61]. WHSV in the oligomerization 

reaction is 100 hr-1 [121]. The deactivation rate of HZM-5 is sensitive to the byproducts and 

operating conditions. In this study one-month catalyst cycle time is applied [139]. The cost of 

chromium oxide doped alumina catalyst used in dehydrocyclization reaction is $2250/metric ton 

[61]; and WHSV is 1 hr-1 [121]. The dehydrocyclization catalyst deactivates rapidly at the 

beginning and then remains at roughly stable rate until 80 hr [140]; therefore 80-hour cycle time 

is applied for the dehydrocyclization catalyst.  

9. Transportation cost and wastewater treatment have not been included. 

10. In the base scenario the value of byproducts is not considered, even though the impact of 

considering their value is discussed. 

The assumptions are necessary to perform the simulation and study the economic analysis; 

however they introduce uncertainties regarding the results obtained. Therefore, sensitivity analysis 

is performed to assess the impacts of uncertainties of economic parameters such as the costs of 

raw materials, solvents and catalysts, and to determine the effects of reaction parameters such as 

selectivity and conversion. 

 

2.4.1 Economic Result 

 



39 

 
  

The detailed capital and operating cost of CCEI processes are listed in Table 2-4. The capital 

cost of CCEI process is $457.1 million. The breakdown of each equipment cost is listed in Table 

2-5. The main component of the capital cost of comes from the purchased equipment especially 

from the equipment used for the starch conversion to HMF accounting for 66% of the purchased 

equipment. The reason is that the section 100 uses very dilute solution plus 3:1 THF to aqueous 

phase ratio to improve the partition coefficient of HMF in organic phase leading a large volume 

needed for this section. The addition of NaCl and acid requires the equipment materials to be an 

expensive acid and salt resistant metal alloy. The reactor R3 also has a large contribution of the 

capital cost because of the dilute solution and long residence time (10 hr). Another big contribution 

is from the initial investment of catalyst cost about 5.3% of the total capital cost, among which 

63.0% is from the purchased Cu-Ru/C catalyst. In comparison, the capital cost of GEVO process 

is estimated at $291.6 million (shown in Table 2-6). The main component of the capital cost of 

GEVO process comes from the equipment purchase required for the fermentation process, which 

accounts for 58.6% of the capital cost. The cost of remaining equipment purchase corresponds to 

only 3.6%.  

 

Table 2-4 Summary of Capital and Operating Cost of CCEI Process 

Item Cost (million $) Item Cost (million $/yr) 

Purchased Equipment 199.4 Starch 180.0 

Equipment Setting 1.2 Ethylene 69.5 

Piping 64.5 H2 8.1 

Civil 4.3 Catalysts 20.9 

Steel 1.1 HCl 0.092 
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Instrumentation 5.0 NaCl 1.52 

Electrical 2.4 THF 21.6 

Insulation 5.0 Heptane 4.2 

Paint 0.4 Tridecane 1.2 

Other 64.1 Utility 26.2 

G and A Overheads 10.1 Operating Labor Cost 1.6 

Contract Fee 9.4 Maintenance Cost 16.0 

Contingencies 66.0 Operating Charges 0.4 

Initial catalyst 24.3 Plant Overhead 8.8 

Total Capital cost 457.1 G and A Cost 28.8 

  Total Operating Cost 388.9 

 

Table 2-5 Summary of Equipment Cost of CCEI Process 

Component Name Component Type Total Direct Cost Equipment Cost 

  (million $) (million USD) 

Section I    

R1 DAT REACTOR    102.900 93.4 

FL1 DVT CYLINDER   1.54  1.13  

FL2 DVT CYLINDER   2.80  1.77  

P1 DCP CENTRIF    1.30  0.55  

P2 DCP CENTRIF    0.27  0.07  

P3 DCP CENTRIF    0.25  0.16  

FIL DF  ROTY DISK  0.32  0.17  
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Section II    

R2 DAT REACTOR    0.58  0.38  

R2-backup DAT REACTOR    0.58  0.38  

FL3 DVT CYLINDER   0.50  0.23  

SCR DVT CYLINDER   0.13  0.03  

DC1-cond acc DHT HORIZ DRUM 0.22  0.07  

DC1-reflux pump DCP CENTRIF    0.29  0.11  

DC1-tower DTW TOWER      13.28  5.17  

DC2-cond acc DHT HORIZ DRUM 0.09  0.02  

DC2-reflux pump DCP CENTRIF    0.04  0.01  

HMFDMF.DC2-tower DTW TOWER      0.73  0.39  

DC3-cond acc DHT HORIZ DRUM 0.09  0.02  

DC3-reflux pump DCP CENTRIF    0.04  0.01  

DC3-tower DTW TOWER      0.46  0.23  

DC4-cond DHE TEMA EXCH  0.07  0.02  

DC4-cond acc DHT HORIZ DRUM 0.12  0.02  

DC4-reb DRB U TUBE     0.18  0.10  

DC4-reflux pump DCP CENTRIF    0.03  0.01  

DC4-tower DTW TOWER      0.78  0.43  

Section III    

R3 DAT REACTOR    30.27  26.51  

Comp 2 (THREE STAGE) DGC CENTRIF    3.46  3.14  

P4 DCP CENTRIF    0.33  0.25  
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DECANTER DVT CYLINDER   0.29  0.13  

DC5-cond acc DHT HORIZ DRUM 0.13  0.04  

DC5-reflux pump DCP CENTRIF    0.76  0.55  

DC5-tower DTW TOWER      1.57  0.99  

DC6-cond acc DHT HORIZ DRUM 0.10  0.02  

DC6-reflux pump DCP CENTRIF    0.03  0.01  

DC6-pump (THREE-STAGE) DCP CENTRIF    0.54  0.46  

DC6-tower DTW TOWER      0.47  0.21  

DC7-cond acc DHT HORIZ DRUM 0.12  0.02  

DC7-reflux pump DCP CENTRIF    0.03  0.01  

DC7-tower DTW TOWER      0.78  0.43  

Heat exchanger Hot stream Cold stream Equipment cost ($) 

HX1 DC6.Condenser DC1.Reboiler 0.18 

HX2 DC5.Condenser DC1.Reboiler 
0.25 

HX3 6 DC1.Reboiler 7.37 

HX4 17 11 1.50 

HX5 17 DC1.Reboiler 1.73 

HX6 34 11 0.61 

HX7 5,11 DC1.Reboiler 0.41 

HX8 Low pressure steam 11 6.67 

HX9 34 DC1.Reboiler 0.20 

HX10 6 CW 11.66 



43 

 
  

HX11 17 CW 1.99 

HX12 DC5.Condenser CW 0.24 

HX13 34 CW 0.18 

HX14 DC1.Condenser CW 3.15 

HX15 DC7.Condenser CW 0.04 

HX16 DC3. Condenser CW 0.01 

HX17 DC2.Condenser CW 0.05 

HX18 High pressure oil DC6.Reboiler 0.21 

HX19 High pressure oil R3 0.26 

HX20 High pressure oil To DC3.Reboiler  0.10 

HX21 High pressure steam 13 1.04 

HX22 HS DC5.Reboiler 0.20 

HX23 HS DC2.Reboiler 0.07 

HX24 HS DC7.Reboiler 0.01 

HX25 DC2.Condenser CW 0.88 

HX26 HS 13 0.18 

 

The total operating cost of CCEI process is $388.9 million, among which 46.3% comes from 

biomass feedstocks and 17.9 is from ethylene. The other import contributors involves utility 

consumptions, solvents and catalyst costs. The catalyst costs herein contain the annual replacement 

or regeneration of all kinds of catalysts. Among them, the dominant cost comes from the 

replacement of Sn-Beta catalyst, accounts for 87.6% of the catalyst costs. Notably, the catalyst 

cost for CCEI process is an expensive part for both capital and operating cost because of the high 
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price and easy deactivation. Identifying new cheap catalysts with long life cycle or operating 

conditions that prolong the life time of the currently used catalysts will be useful to lower the initial 

costs and further reduce the annual operating costs. Around 80% of annual solvent cost is due to 

the large amounts of THF used. In comparison, the three main contributors for GEVO process are 

starch 47.6%, enzyme (including biocatalyst) 28.7% and utilities 8.5%. GEVO process uses large 

range of temperatures so high utility consumption has been detected.  

 

Table 2-6 Summary of Capital and Operating Cost of GEVO Process 

Item Cost 

(million $) 

Item Cost 

(million $/yr) 

Purchased equipment 

(fermentation) 

170.7 Starch 180.0 

Purchased equipment  

(iso-butanol to pxylene) 

10.4 Enzyme/Biocatalyst costs 108.4 

Heat exchangers 16.9 Catalysts costs 13.2 

Equipment setting 0.37 Operating labor and maintenance cost 17.7 

Piping 6.7 Utilities 32.2 

Civil 1.3 Plant overhead 8.9 

Steel 1.2 General and administrative cost 17.9 

Instrumentation 3.5 Total operating cost 378.3 

Electrical 1.2   

Insulation 3.8   

Paint 0.28   
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Other 34.9   

G & A overheads 6.9   

Contract fee 5.6   

Contingencies 44.6   

Total project capital cost  308.5   

 

In the base case scenario, where no byproducts value is considered, the minimum price of p-

xylene from CCEI and GEVO processes, which is defined as the price when the NPV equal to 

zero, is $2362/metric ton and $3787/metric ton, respectively. If the byproduct value is considered, 

then the economics are substantially improved. Humins from starch conversion to HMF is 

considered as waste of no value. For the unpurified byproducts or those byproducts with unknown 

usage at the current stage, they are accounted as bio-ethanol fuel, at the price of $2.2/gal 

($736/metric ton) [141]. The consideration of byproduct values results in p-xylene to $2120/ton. 

The increasing value of byproducts can further improve economics; for example, levulinic acid 

can considered as a precursor of biofuel and pharmaceuticals with a price of $6000 to 9000/metric 

ton [142]. For GEVO production no further purification of byproducts is included in the flowsheet 

diagrams studied, and the value of the byproducts streams are considered based on the price of 

these chemicals produced from petroleum. For example, the value of acetic acid is $665/metric 

ton and that of o-xylene is $1405/metric ton [133]. Solid waste from the fermentation is considered 

as animal feed at $40/metric ton [120]. Stream (36) containing mainly hydrogen and methane is 

considered to have the same value as natural gas which is around $124/ thousand cubic meters 

[143], (i.e. $155/metric ton assuming the density of natural gas is 0.8 kg/m3) p-xylene, which is 
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calculated to be $3147/metric ton for the GEVO. The purification of iso-octane, benzene and 

toluene will further improve economics. 

 

2.4.2 Sensitivity Analysis 

 

Sensitivity analysis is used to assess the impact of variability of cost of raw material, catalysts, 

and solvent (Figure 2-4.). 50% to 150% variation of the cost of the base scenario has been studied. 

Biomass feedstock cost is the most significant factor of p-xylene price. Biomass feedstock price 

varies significantly based on the choice of biomass and its source. It is found that 50% increase of 

biomass feedstock cost raises the minimum cost of p-xylene by 21.8% in CCEI process, while 50% 

increase of ethylene increases the minimum cost of p-xylene by 8.4%. In the base scenario, 

petroleum-based ethylene price is used in the economic analysis of CCEI process. Bio-based 

ethylene can be produced via dehydration of ethanol that is obtained from fermentation of biomass. 

In order to investigate the use of bio-based ethylene in CCEI process different source alternatives 

are considered as given in Table 2-7. Using these different prices of bio-ethylene, the p-xylene 

minimum price may vary from $2362 to $2827 per metric ton.   

Another important factor of CCEI process is the solvent used (especially THF solvent). 50% 

reduction of THF cost decreases the minimum cost of p-xylene to $2300/metric ton; while 50% 

increase results in p-xylene price of $2424/metric ton. Solvent effects have been studied and the 

results showed that HMF selectivity depends to its partition coefficient [22]. High volumetric ratio 

is often used to achieve high conversion and selectivity but also results in large amount of solvent 

used, increasing the utility cost. Given that there is a tradeoff between high yield and high utility 

cost, an economic optimal volumetric ratio can be found. However more information, regarding 
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the relation between yield and solvent amount for all the reactions involved using THF solvent, is 

needed to achieve this. In addition, it is assumed that there are no effects on the conversion of 

HMF to DMF reaction, which might not be the case. To study these effects sensitivity analysis is 

performed on the selectivity and conversion of all the reactions. However, more studies on the 

production of DMF using THF as a solvent are required to understand the effects of the solvent 

and be able to design a better separation process.  

 

 

Figure 2-4 The variation of PX minimum price of CCEI process 

 

Table 2-7 The price of bio-based ethylene from different alternatives [144]  

Source Price ($/metric ton) 

Sugarcane 1200 

Sweet Sorghum 1700 

Corn 2000 

Sugarbeet 2600 

1800
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PX cost vs raw material/solvent/catalyst cost variation
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Lignocellulos 1900-2000 (estimation) 

 

Given the early stage of the experimental study of CCEI process, the impacts of the selectivity 

and conversion of the reactions involved in this process has been investigated and shown in Figure 

2-5. The variability considered for the conversion and selectivity of all the reactions is 5% to ensure 

the same separation method can be used. For the reactions characterized by high conversion rates 

(i.e. HMF to DMF and DMF to p-xylene), only 5% conversion reduction is considered. It should 

be pointed out that the results of the sensitivity analysis illustrate that selectivity is favored 

compared to conversion in terms of the cost reduction that can be achieved. For example just a 5% 

increase of selectivity of the overall reaction from starch to HMF results in a decrease of p-xylene 

minimum cost by 3.6% while 5% decrease results in an increase of p-xylene minimum cost by 

6.6%. It is found that the decrease of selectivity leads to more variation on p-xylene price than the 

increase, due to the raw materials or intermediates loss in the separation process. 5% increase of 

the conversion of the overall reaction from starch to HMF results in very small change in p-xylene 

cost due to the recycling of the raw materials. In comparison, 5% decrease of the overall conversion 

from starch to HMF leads to an increase of 1.9% of the p-xylene minimum price. This is due to 

the loss of starch in the separation of humins. 5% decrease on the conversion of the HMF to DMF 

reaction results in 5.5% increase of p-xylene cost. This change is higher compared to the result 

reported in our previous work [61]. This is because in the current study the integration of upstream 

unit operations results in increasing loss of HMF due to the transformation of the HMF that is 

present in the recycle stream to humins. 5% decrease of conversion of the reaction of DMF to p-

xylene raises the p-xylene minimum price only 1.3%. 
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Figure 2-5 Sensitivity analysis on the reaction parameters of CCEI process 
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Chapter 3 Life Cycle Assessment Of Biobased p-Xylene Production 
 

3.1 Hydrolysis of Lignocellulose 

 

In Chapter 2, we showed that the minimum cost of p-xylene from starch is higher than that of 

the oil-based p-xylene ($1600/metric ton) [61, 62]. We expect that the cost can further be reduced 

via combination of new scientific developments and process synthesis, integration and 

optimization. However, it is important to evaluate environmental impacts and eventually to 

achieve an optimal balance between environment and economics. This chapter focuses on the use 

of LCA to evaluate the p-xylene production described in [61, 62] based on the discoveries of 

Catalysis Center of Energy Innovation (CCEI). The production of pX started with corn-starch 

which is among the first generation biomass feedstock. However, previous studies showed that the 

first generation bio-ethanol (starch-based ethanol) is not as an environmentally friendly attractive 

alternative due to the large values of water and energy consumption in the biomass conversion 

[145]. The first-generation bio-ethanol (such as sugarcane in Brazil and corn in US) has also faced 

issues with low capacity of biomass feedstocks, and ethical problems related to the competition 

with raw materials use for food and with the land use devoted to the production of those raw 

materials [146, 147]. In comparison bio-ethanol from second-generation biomass feedstocks (i.e. 

lignocellulose) performs much better than the first generation biomass feedstock in all the impact 

categories and has more advantages than the petroleum-based ethanol at some categories. In 

addition, the second-generation lignocellulose including agricultural, industrial and forest 

residuals account for the majority of total biomass present in the world. Therefore the pX 

production from the second generation lignocellulose biomass feedstock is also studied with the 
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assumption that the yield from lignocellulose-derived glucose feedstock is the same as using 

starch-derived glucose to ensure the usage of the same conversion and separation units.  

Due to cellulose recalcitrance to hydrolysis it is more difficult to obtain glucose from 

lignocellulose than starch unless harsher conditions are used. The four most-widely-studied types 

of lignocellulose saccharification methods include concentrated acid, dilute acid, ionic liquid and 

enzymatic process [148]. Concentrated acid saccharification hydrolyzes hemicellulose and 

cellulose at the same time with relatively mild temperature and with nearly theoretical yield of 

sugars [149]. The main drawbacks of this method are the acid corrosion of equipment, the recovery 

and re-concentrating of sulfuric acid and the extra steps required to separate C5 and C6 sugars 

which are produced simultaneously thus has not been considered further in this work [150]. The 

direct hydrolysis of lignocellulosic biomass in ionic liquids is not considered in this work either 

because of the issues of high costs of materials of ionic liquid and the subsequent separation and 

recovery [148]. The two-stage enzymatic saccharification starts with an initial alkaline 

deacetylation step followed by dilute acid hydrolysis to liberate hemicellulose sugars and an 

enzymatic hydrolysis step that breaks down cellulose to glucose [151]. The enzymatic 

saccharification can achieve similar high yield as concentrated acid hydrolysis in several steps. 

Although the enzymatic hydrolysis has higher overall yield of glucose (74% vs. 57% of dilute 

acid), more operating units and enzymatic conversion involved that offset the benefits of high yield. 

In addition, from our preliminary study the environmental impacts of enzymatic hydrolysis and 

dilute acid hydrolysis are close. Furthermore, in the dilute acid hydrolysis process it is easy to 

separate the hemicellulosic from the cellulosic sugar fractions using fewer units and simpler 

operation although it has the drawbacks of higher reaction temperature and lower overall yield as 
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well as issues with equipment corrosion [152]. Thus the dilute acid hydrolysis is selected for the 

further study.  
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Figure 3-1 Process block diagram for two-stage hydrolysis using dilute acid [152] 

 

More specifically, a two-stage hydrolysis process is implemented in this work based on the 

data available in referenc [152] and then modeled in Aspen Plus.  The process flowsheet is shown 

in Figure 3-1. The lignocellulose feedstock is initially charged to the first prehydrolysis stage 

mixed with a dilute sulfuric acid solution and heated using direct steam, which leads to 

hemicellulose hydrolysis. The soluble compositions are washed and separated from the solids 

using filtration. At the second stage, the insoluble components from the first stage are impregnated 

with acid to hydrolyze cellulose into glucose where higher temperature and acid concentration are 

needed. The products are again washed by water and separated from the lignin and unreacted 

residue [152]. The first-stage hydrolysis occurs at 170°C and we assume that hemicellulose is 
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completely dissolved. The second-stage the reaction occurs at 230°C with the yield based on the 

compositions reported in [148] and [152] which are 57.2%, 2.34%, 2.73%, 2.73% and 1.84% for 

glucose, HMF, LA, FA, and unaccounted components, respectively. 

 

3.2  Description of LCA of the Production of Biobased p-Xylene 

 

The detailed systematic procedures of LCA involves four main steps: goal and scope 

definition, inventory analysis, impact assessment, and interpretation are described hereinafter [58, 

75, 76]. 

 

3.2.1 Goal and scope definition 

 

The goal of the LCA in this work is to assess and to improve the environmental performance 

of the biobased CCEI-pX production. The results of the LCA study are used to evaluate the 

biobased pX based on sustainability criteria and to compare the biobased pX production from both 

first- and second- generation feedstocks with the conventional petroleum-based pX production. 

Given the information available, the system boundaries are from-cradle-to-gate, shown in Figure 

3-2, including two stages: the first stage contains the cultivation and the processing of the first- 

and second- generation biomass and the next stage is the production of p-xylene including the 

biphasic dehydration, hydrodeoxygenation and cycloaddition. The inventory analysis is divided 

based on each stage. This work does not involve the transportation and distribution of pX as well 

as the usage of pX to produce PET and the subsequent recycling of PET. To compare the LCA 

results, one metric ton of p-xylene produced is selected as the functional unit. 
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Figure 3-2 Scope definition of bio-based pX production process 

* emissions or purge include the water or air emissions produced during the system such as acids, 

THF, NaCl, heptane, etc. 

 

3.2.2 Inventory analysis  

 

The data collection is the most critical stage in LCA. There are different databases that 

calculate life cycle inventory (i.e. Ecoinvent, US LCI, ELCD, US Input Output, EU and Danish 

Input Output, Swiss Input Output and etc. [153]). It is known that the LCI varies on different 

database due to location, technologies, emission level, etc. The comparison of LCI from different 

databases is out of the scope of this work, but an example of mixed xylenes with the scope from 

cradle to plant gate is considered to illustrate the differences of the impacts resulting from the use 

of different databases Ecoinvent® v2.2 [154] and US LCI v1.6 [155]. The characterization results 

using ReCiPe midpoint method [156] are shown in Table 3-1. It should be noticed that the impacts 

of all the categories vary extensively. For example in the category of fossil depletion, water 

depletion, urban land occupation, agricultural land occupation and fresh water eutrophication the 
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impact using US LCI are all zero while those using Ecoinvent have values. In the categories of 

marine ecotoxity, fresh water ecotoxicity and human toxicity the results from Ecoinvent are less 

than 10% of those from US LCI.  Both databases use the technology of catalytic reforming of 

naphtha; however the results are quite different.  Unfortunately, some important components in 

the pX production are not included in the US LCI database such as THF, corn starch, etc. Thus all 

the datasets needed from external sources are retrieved from Ecoinvent® v2.2 in order to avoid 

issues due to lack of database compatibility since  Ecoinvent® is the largest database and its LCI 

has been undergone review and validation with consideration of uncertainties [154]. Most 

components from Ecoinvent are still limited to European data in terms of technologies, emission 

level, etc. though some datasets such as electricity depend on the regions.  

Maize starch is selected as the example of the first-generation biomass feedstock. The LCI of 

the cultivation and the processing of maize is directly selected from Ecoinvent® V2.2. The 

cultivation process consists of the processes of soil cultivation, sowing, weed control, fertilization, 

pest and pathogen control, harvest and drying of the grains and the starch processing includes 

mechanical separation steps, swelling in process water, milling of the swelled corns, desiccation 

and drying of the extracted starch. The red oak is used as an example of the second-generation 

biomass. The LCI of the cultivation of red oak is retrieved from Ecoinvent® V2.2 as well whilst 

the LCI of the production of glucose from oak utilizing the two stage dilute acid hydrolysis (shown 

in Figure 3-2) is derived from the simulation performed in Aspen Plus® based on the available 

information in the literature [152]. When lignocellulose is used as feedstock the excess heat from 

the lignin combustion is employed as the heating source for the downstream production. The 

inventory of flow rates and energy consumptions of the two stage dilute hydrolysis, corresponding 
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to the production of 1 metric ton of pX, is listed in Table 3-2, and the inventory of input and output 

flows is shown in Table 3-3.  

 

Table 3-1 The comparison of characterization results of xylenes from Ecoinvent and US LCI by 

ReCiPe endpoint 

Impact category Unit US LCI Ecoinvent 

Fossil depletion kg oil eq 0 0.002391 

Metal depletion kg Fe eq 0 0 

Water depletion m3 0 8.303883 

Natural land transformation m2 0 -8.2E-05 

Urban land occupation m2a 0 0.065173 

Agricultural land occupation m2a 0 0.029242 

Ionising radiation kBq U235 eq 0 0.546267 

Marine ecotoxicity kg 1,4-DB eq 16.56212 1.134174 

Freshwater ecotoxicity kg 1,4-DB eq 16.84403 0.296582 

Terrestrial ecotoxicity kg 1,4-DB eq 0.005545 0.060794 

Particulate matter formation kg PM10 eq 2.025955 1.380628 

Photochemical oxidant formation kg NMVOC 7.00228 4.792205 

Human toxicity kg 1,4-DB eq 2023.5 12.76112 

Marine eutrophication kg N eq 0.202245 0.097999 

Freshwater eutrophication kg P eq 0 0.013282 

Terrestrial acidification kg SO2 eq 7.786484 4.102556 

Ozone depletion kg CFC-11 eq 4.08E-07 3.14E-07 
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Table 3-2 Life cycle inventory of two stage dilute acid hydrolysis   (corresponds to the 

production of 1 metric ton pX) 

 

COMPONENTS/ENERGY ton/GJ COMPONENTS/ENERGY ton/GJ 

INPUT  OUTPUT  

MATERIALS 

BIOMASS 

(DRIED1) 

10.04 PRODUCTS 

PREHYDROLYSATE 

(DRIED2/WATER) 

3.94/18.29 

 H2SO4 0.32  

GLUCOSE 

(DRIED3/WATER) 

2.77/19.11 

 WATER 38.82  Heat -109.974 

 LIME 0.51 EMISSION WATER 3.42 

 AIR 35.15  GLUCOSE 0.12 

UTILITY Electricity 0.41  CO2 7.39 

   CaSO4 0.38 

   Na2CO3 0.32 

   N2 26.67 

   O2 2.45 

1 BIOMASS (dried) contains extractives, hemicellulose, cellulose and lignin 

2 PREHYDROLYSATE (dried) contains the soluble hemicellulose, the soluble compositions of 

biomass such as extractives  

3 GLUCOSE (dried) coexists with mannose and other components 

4 Negative represents that the process provides heating energy 
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Table 3-3 Inventory analysis of pX production from starch (not include components with mass 

<0.01% of pX) 

COMPONENTS/ENERGY ton/GJ COMPONENTS ton 

INPUT  OUTPUT  

MATERIALS STARCH 2.77 PRODUCTS PX 1.00 

 HCl 0.062  BYPROD12 0.46 

 NaCl 0.55  BYPROD23 0.15 

 THF 0.11  HUMINS 0.18 

 H2 0.079 EMISSIONS WASTE WATER 1.283 

 ETHYLENE 0.32  NaCl 0.55 

 HEPTANE 0.030  HCl 0.062 

 TRIDECAN 0.0075  THF 0.11 

UTILITY Cooling water -73.841  CO2 0.062 

 Steam, natural gas 68.11  FORMIC ACID 0.032 

 Electricity 0.94  HEPTANE 0.030 

    TRIDECAN 0.0075 

    H2 0.0024 

 

1 Negative represents that cooling utility usage 

2 BYPROD1 is a mixture of 2,5-dihydroxymethyltetrahydrofuran and levulinic acid 

3 BYPROD2 is a mixture of 2,5-hexanedione, oligomers, 1-ethyl-2,5-dimethylbenzene 

 

 

 



59 

 
  

The following assumptions are made in order to perform LCA:  

1. Only the materials used in the manufacturing are considered. The materials used in the 

construction, other infrastructure and catalysts are assumed to be recycled at the end of the lifetime 

of the project and excluded from the scope. The labor needed in the construction is not included. 

2. Feedstock is transported from the local biomass conversion facility - 100 km away from the 

biorefinery facility, which is included in the uncertainty analysis. The transportation mode is 

assumed to be by the lorry greater than 28 ton.  

3. Electricity is supplied by medium voltage grid based on the average transformation technology 

and the average electricity loss during transmission in US. 

4. Cooling is supplied by water, cooling, unspecified natural origin while the heating is assumed 

to be distributed by steam, among which 76% is generated by natural gas and the rest is generated 

by heavy fuel oil.   

5. Wastewater is connected to wastewater treatment units. 

 

3.2.3 Impact assessment 

 

Impact assessment is a key step to evaluate the significance of potential impacts with the 

stages of characterization, damage assessment, normalization and weighting. The LCA software – 

SimaPro V7.3.3® [78] is selected since it involves a broad international-scope life cycle inventory 

databases and a variety of impact assessment methods.  

There are two types of commonly used approaches – midpoint (such as CML) and endpoint 

(such as Eco-indicator) methods. Midpoint method considers the cause-effect chain of an impact 

category prior to the endpoints [157] while endpoint method further normalizes and weights these 
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impact data to present the results as a single indicator according to a social evaluation process 

[153]. Midpoint is a traditional approach with fewer uncertainties while at the normalization and 

weighting stages of endpoint method more assumptions and larger data uncertainties are 

introduced [158]. The endpoint method is though useful in the search for more environmentally 

friendly design alternatives via comparing the overall environmental effects using a single metric. 

Life cycle impact assessment workshop summarized that both midpoint and endpoint approaches 

are useful to make decisions and to prompt integration in a consistent framework [158]. Thus 

ReCiPe v1.0 is selected in this work and it is a more recent midpoint and endpoint method which 

integrates both midpoint method (i.e. CML) and endpoint method (i.e. Eco-indicator 99). The 

midpoint impact categories include 18 impact categories: ozone depletion, human toxicity and 

ecotoxicity, ionizing radiation, photochemical oxidant formation, particulate matter formation, 

climate change, terrestrial ecotoxicity, terrestrial acidification, agricultural land occupation, urban 

land occupation, natural land transformation, marine ecotoxicity, marine eutrophication, fresh 

water eutrophication, fresh water ecotoxicity, fossil fuel depletion, minerals depletion and fresh 

water depletion. Then the midpoint impacts are normalized and weighted into three endpoint 

categories involving human health which is expressed as the number of year life lost and the 

number of years lived disable that is Disability Adjusted Life Years (DALY); ecosystems 

represented by the loss of species over a certain area during a certain time (species·yr); and 

resource surplus costs indicating surplus cost over an infinitive timeframe with a 3% inflation  

[156]. 

Given the fact that a large amount of byproducts are present, allocation is needed to share 

environmental impacts among the products. Two types of allocations are herein considered based 

on different criteria. One is the mass allocation, which distributes the environmental impacts based 
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on the mass of the product streams, and another is the economic allocation representing the 

weighing based on the total price. The price of glucose is fixed at $300/metric ton (dried basis) 

which is the same price as corn starch, and the price of hemicellulose solution is considered as 

$173/metric ton (dried basis) when the biomass feedstock is $80/metric ton. The price of biobased 

pX is considered as $2345/metric ton, the byproducts are accounted as bio-ethanol fuel at the price 

of $2.2/gal ($736/metric ton) and the humins have no value [62]. The heating provided from the 

combustion of lignin is assigned the value of $2.5×10-3/MJ. If humins is employed to generate the 

heat, it will provide 7.33×108 MJ/yr accounting for less than 0.3% percentage of the economic 

allocation. In addition, it is assumed that oak-based glucose has the same price as starch so that 

oak-based pX and byproducts have the same price as starch-based ones.  The allocation fraction is 

shown in Table 3-4. 

 

Table 3-4 Allocation fraction of different products 

 

Starch-based Oak-based 

economic allocation mass allocation economic allocation mass allocation 

Hemicellulose    46.00% 58.72% 

Glucose    54.00% 41.28% 

PX 86.81% 55.74% 80.89% 55.74% 

BYPROD1 9.90% 25.48% 11.61% 25.48% 

BYPROD2 3.29% 8.46% 3.88% 8.46% 

HUMINS 0.00% 10.32% 0.00% 10.32% 

Heating1   3.62% 0% 

1 heating utility is only provided by oak-based pX production 
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3.2.4 Interpretation 

 

At the stage of interpretation sensitivity analysis is performed to evaluate the different 

scenarios with different conversion and selectivity of reactions and starting with different second-

generation biomass feedstocks. In addition, Monte Carlo uncertainty analysis consisting of 1000 

trials is employed to investigate the impact of variance of a large set of key input parameters using 

the corresponding feature of SimaPro®. The lognormal distribution is used to be consistent with 

Ecoinvent database. The standard deviation (SD) is estimated by a Pedigree matrix including six 

indicators: reliability referring acquisition methods and verification procedures, completeness 

relating to the statistical properties, temporal correlation representing the time correlation of the 

data age, geographical correlation illustrating the correlation between the defined area and the 

obtained data, further technological correlation, and sample size [159, 160]. The score of each 

indicator is selected based on the Table 3-5 shown in Supporting Information. The. SD is 

calculated as 3.31 using the following formula: 

𝜎2 = exp{√(ln𝑈1)2 + (ln𝑈2)2 + (ln𝑈3)2 + (ln𝑈4)2 + (ln𝑈5)2 + (ln𝑈6)2} 
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Table 3-5 The selection of Pedigree matrix indicator [160] 

 Score Description Uncertainty 

factors 

Selection 

U1-Reliability  1 Verified data based on measurement 1.00  

2 Verified data partly based on assumptions or non-verified data based 

on measurements 

1.05  

3 Non-verified data partly based on qualified estimates 1.10  

4 Qualified estimate based on data derived from theoretical information 1.20 √ 

5 Non-qualified estimate 1.50  

U2-Completeness 1 Representative data from all sited relevant for the market considered, 

over an adequate period even out normal fluctuations  

1.00  

2 Representative data from >50% of the sites relevant for the market 

considered, over an adequate period even out normal fluctuations 

1.02  

3 Representative data from only some sited (≤50%) relevant for the 

market considered or >50% of sites but from shorter periods 

1.05  
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4 Representative data from only one site relevant for the market 

considered or some sites but from shorter periods 

1.10  

5 Representativeness unknown or data from a small number of sites and 

from shorter periods 

1.20 √ 

U3-Temporal 

correlation 

1 Less than 3 years of difference to the time periods of the dataset 1.00  

2 Less than 6 years of difference of the time period of the dataset 1.03  

3 Less than 10 years of difference to the time period of the dataset 1.10 √ 

4 Less than 15 years of difference to the time period of the dataset 1.20  

5 Age of data unknown or more than 15 years of difference to the time 

period of the dataset 

1.50  

U4-Geographical 

correlation 

1 Data from area under study 1.00  

2 Average data from larger area in which the area under study is included 1.01  

3 Data from area with similar production conditions 1.02  

4 Data from area with slightly similar production conidtions   

5 Data from unknown or distinctly different area 1.10 √ 
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U5-Furthe 

technological 

correlation 

1 Data from enterprises, processes and materials under study (i.e. 

identical technology) 

1.00  

2    

3 Data on related processes or materials but same technology, OR  

Data from processes and materials under study but from different 

technology 

1.20  

4 Data on related processes or materials but different technology, OR 

data on laboratory scale processes and same technology 

1.50  

5 Data on related processes or materials but on laboratory scale of 

different technology 

2.00 √ 

U6-Sample size 1 >100, continuous measurement, balance of purchased products 1.00  

 2 >20  1.02  

 3 >10 1.05  

 4 ≥3 1.10  

 5 unknown 1.20 √ 
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3.3 LCA Results 

 

3.3.1 LCA results from Midpoint method 

 

The characterization results by ReCiPe midpoint method of the starch-based and of oak-based pX are 

shown in Figure 3-3. Six different scenarios are applied – 1. SN: starch-based pX with no allocation applied; 

2. SE: starch-based pX with economic allocation; 3. SM: starch-based pX with mass allocation; 4. ON: oak-

based pX with no allocation applied; 5. OE: oak-based pX with economic allocation; 6. OM: oak-based pX 

with mass allocation. The oak-based pX has remarkably fewer damage impacts than the starch-based pX in 

almost all the impact categories except the agricultural land occupation which comes from the cultivation 

of biomass; especially for the non-allocation scenario since all the impacts contribute to oak-based glucose 

leading to a much higher results. The largest difference comes from the category of terrestrial ecotoxicity 

and marine eutrophication where the impacts from oak-based pX only account for about 1% of that from 

starch-based pX while the impacts of oak-based pX from other categories vary from 18% to 57% of starch-

based pX.  The detailed contribution for each impact category of characterization results is shown in Figure 

3-4 (only for SE and OE). In the starch-based pX production, the cultivation and processing of maize starch 

has great impacts on most of the impact categories especially accounting for 75% of impacts in the 

categories of particulate matter formation, marine eutrophication, terrestrial ecotoxicity, freshwater 

ecotoxitcity, agricultural land occupation and urban land occupation. Another great contributor is the 

heating steam in the categories of climate change, ozone depletion and natural land transformation. In 

comparison, the cultivation of oak only dominates the categories of agricultural land occupation and urban 

land occupation. The rest of contributions diverse from different contributors. 

 

3.3.2 LCA results from Endpoint method  

 



67 

 
  

In order to understand the total contribution for entire processes and to compare different 

scenario using a single score, ReCiPe endpoint method is used. The total contribution for both 

entire processes with economic allocation is shown in Figure 3-5. The two largest contributions 

for the starch-based pX production are the processing of the starch and the heating steam which 

respectively contribute 43 % and 41% of the overall impacts. The high contribution of steam is 

caused by the utilization of dilute solutions that improves conversion and selectivity but leads to 

high energy demands in the distillation columns for separating highly diluted mixtures. This is 

avoided in the case of oak-based pX production since heating is provided by burning the lignin. 

The contribution of the cultivation biomass feedstock for oak-based pX accounts for 25% of the 

overall impacts while it is noticed that non-biobased components in the production process (such 

as THF, HCl, NaCl, ethylene and hydrogen) account for more than 50% of the total impacts. 

Especially the two larger contributors are the makeup solvent (THF) and ethylene which 

correspondingly contribute for 24% and 15% of the overall process. The reason of the high 

contributions of THF is that a large amount of THF is used to improve extraction performance 

resulting in dilute solutions. In order to evaluate the impacts of using more concentrated sugar 

solution, the starch or glucose concentration is increased from 10% to 40%. Previous studies 

showed that the catalyst is active at such concentration but the yield of HMF may be slightly 

decreased with increasing sratch concentration [161]. However, in this work it is assumed that 40% 

sugar solution can achieve the same yield as the 10% solution. During the recycling of the water 

from aqueous phase of dehydration of sugar to HMF, 5% more water is purged in order to maintain 

the 40% solution in the feed. The product HMF solution is about 10%; therefore there is no need 

for the first flash FL1. It is also found that the use of 40% solution is able to reduce 43% of the 

cooling utility and 41% of the heating utility with the 5% loss of the pX product. In addition, the 
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high sugar concentration process reduces the THF, HCl, and NaCl requirements by 44%, 52% and 

39% respectively. Furthermore, the single indicators with economic allocation reduce by about 

19.5% and 18.3% for both the starch-based and oak-based pX production.  

The single indicator scores of the biobased pX production are compared with that of the 

petroleum-based production in Table 3-6. The LCA of petroleum-based pX production is 

calculated based on the production of p-xylene starting from mixed xylene that is available in the 

Ecoinvent® v2.2 using the simplified input-output inventory analysis selected from the literature, 

which considers economic allocation [162]. It is interesting to observe that based on our analysis 

the starch-based pX has much worse environmental impacts than the petroleum-based pX. The 

oak-based pX is comparable with petroleum-based pX. In details, the oak-based pX offers the 

benefit of climate over petroleum-based pX, while it has more impacts on the other categories and 

ozone layer mainly from the use of offset the benefit of oak-based production. The allocation is 

useful to divide the impacts among products. The economic allocation can be biased since oil-

based pX price is lower than biobased. Given the fact that the byproducts are not purified and 

considered with low-unit-price, further separation or purification process will be able to achieve 

relatively pure byproducts with higher commercial values, thus leading to the higher contribution 

of byproducts to the entire process when economic allocation is considered and subsequently 

improving the single indicator of pX. In addition with the development of technology relating to 

biomass production and conversion the efficiency and effectiveness will be improved to reduce 

impacts while though the known emissions from process simulation are included other emissions 

existing in the real process may result in much higher environmental impacts.   
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3.3.3 Sensitivity analysis 

 

Process parameters (conversion and selectivity) 

In order to understand the impacts of conversion and selectivity of reactions on the overall 

environmental impacts, ten different scenarios are considered with ±5% variation of the conversion 

and selectivity for the following three reactions – the conversion of starch to HMF, the production 

of DMF from HMF, and finally the formation of pX from DMF. The specific effects of selectivity 

and conversion changes to single score results are shown in Figure 3-6 involving the no allocation, 

economic allocation, and the mass allocation. The conversion has negligible impacts on the single 

score due to the existence of recycling streams. In comparison, 5% variance of the selectivity has 

much more impacts resulting in up to 8.8% change of the indicator of the pX production. The 

variance of S1 has more impacts; for example, 5% increase of S1 can reduce by 4.9 % of the score 

of the base scenario with economic allocation and 6.6% of that without allocation; 5% decrease of 

S1 increase the score with economic allocation by 8.8% and without allocation by 8.1%. The 

negative variation usually results in larger changes compared to positive variations because of the 

loss of unreacted raw material or intermediate or the increasing demands of the separation units. 

For example lower conversion results in more unreacted raw materials and intermediates and 

increases the energy demands of the separation units. In addition, some of these unreacted raw 

materials and intermediates are lost during the separation.  It is noted that the indicator with the 

consideration of mass allocation only vary from 0.2% to 2.3% and possibly have the opposite 

change direction since the total amount of products and byproducts formed are similar at the same 

conversion offsets the large change of the single indicator without allocation. 
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Figure 3-3 Characterization results of starch-based and oak-based pX; SN: starch-based pX with no allocation; ON: oak-based pX 

with no allocation; SM: starch-based pX with mass allocation; OM: oak-based pX with mass allocation; SE: starch-based pX with 

economic allocation; OE: oak-based pX with economic allocation 
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(b) 

Figure 3-4 The contribution for different impact categories of bio-based pX (a) starch-based and (b) oak-based 
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Figure 3-5 The LCA contributions of the entire process from (a) starch and (b) red-oak. 

 

Table 3-6 Comparison of overall single indicator scores 

 PX_oak 

(economic allocation) 

PX_oak 

(mass allocation) 

PX_starch 

(economic allocation) 

PX_starch 

(mass allocation) 

pX_oil 

(economic allocation) 

Pt 105 65 401 257 88 

0.3%
1.1%

43.1%

0.7%
1.3%

6.1%
3.8%0.3%

0.4%

1.5%

41.3%

0.0%
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24.7%
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Figure 3-6 The comparison of single score for different conversion and sensitivity. +: 5% 

increase of the conversion or selectivity; -: 5% decrease of the conversion or selectivity; 

1: starch  HMF; 2: HMF  DMF; 3: DMF  pX 

 

Biomass feedstocks 

The biomass feedstock compositions changes dramatically between different 

feedstocks, more specifically for all varieties of biomass, cellulose composition varies from 

12.4 to 92.5%, while hemicellulose varies from 0 to 65.6% and lignin from 0 to 54.3% 

[163]. In order to understand the impacts of the compositions from different types of 

biomass feedstock, five different types of biomass feedstocks are discussed here including 

hardwood, softwood, herbaceous crops, agricultural residues, and other waste; more 

specifically, the following feestocks are used due to the availability of biomass feedstock 

available information:  red oaks, barks, grass, rye straw, and newspaper. The compositions 

of these biomass feedstocks were taken from the literature and are listed in Table 3-7 [152, 

163]. For the case of newspaper, the newspaper is considered as waste; therefore no 
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environmental impacts of the production are assigned to it. The characterization results 

with the consideration of economic allocation are shown in Figure 3-7 and single scores 

are listed in Table 3-8. Grass-based pX has the worst performance particularly in terms of 

the climate change, human toxicity and freshwater eutrophication. The pX from oak, rye 

straw and newspaper has similar performance which is slightly worse than oil-based pX. 

The pX from oak has largest impacts in the categories of agricultural land occupation and 

urban land occupation; straw performs worst on ionising radiation; newspaper leads to the 

largest impact on fossil depletion. The pX from bark has slightly better performance than 

oil-based pX. It is found that different biomass feedstocks have large variations in terms of 

environmental impacts mainly due to the cultivation and processing but in general 

lignocellulose-based pX has comparable performance with oil-based pX. 

 

Table 3-7 The normalized compositions of different feedstocks (dried) 

Compositions% Red oaks Barks Grass Rye straw Newspaper 

Extractives 6.63 3.3 0 11  

Cellulose 43.07 21.27 34.2 44.41 76.28 

Hemicellulose 28.45 45.45 44.7 26.34 10.64 

Lignin 21.85 29.98 21.1 18.25 13.08 
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Table 3-8 Single scores from different biomass feedstocks  

  oak bark grass rye straw newspaper 

No allocation 175 135 468 190 129 

Economic allocation 105 67 194 120 102 

Mass allocation 65 47 109 74 67 

 

 

Uncertainty analysis 

Given the fact that the process of production of pX using biomass is rather immature 

the standard deviation of uncertainties is 3.31 which results in a big range of this input from 

-281.9% to 281.9%. The corresponding characterization results for both starch-based and 

oak-based pX with economic allocation using ReCiPe midpoint method are shown in Table 

3-9. It is noted that ioning radiation for both pX vary from 40% to 550%. Moreover, oak-

based pX has very large uncertainties during oak growth especially for natural land 

transformation varies -19000% to 19000% which negative value indicates the possible 

transformation to arable land. 
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Figure 3-7 Characterization results for different biomass feedstocks with economic allocation 

 

Table 3-9 Characterization of uncertainty results 

  starch-based oak-based 

Impact category Unit Median 2.5% 97.5% Median 2.5% 97.5% 

Agricultural land occupation m2a 4080 3620 4600 3030 512 19100 

1.00E-04

1.00E-03

1.00E-02

1.00E-01

1.00E+00

1.00E+01

1.00E+02

1.00E+03

1.00E+04

PX_bark PX_grass PX_newspaper PX_oak PX_rye
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Climate change kg CO2 eq 8540 7700 9550 1660 982 3000 

Fossil depletion kg oil eq 2.4 1.3 4.9 0.9 0.4 2.3 

Freshwater ecotoxicity kg 1,4-DB eq 15.3 11.4 29.8 2.5 1.0 7.7 

Freshwater eutrophication kg P eq 1.4 0.7 3.5 0.4 0.1 1.1 

Human toxicity kg 1,4-DB eq 1090 559 3390 301.0 109.0 1090.0 

Ionising radiation kg U235 eq 473 190 2850 215.0 71.4 1140.0 

Marine ecotoxicity kg 1,4-DB eq 13.3 8.3 28.7 3.2 1.3 8.8 

Marine eutrophication kg N eq 34.4 25.3 47.1 0.3 0.2 0.6 

Metal depletion kg Fe eq 0 0 0 0.0 0 0 

Natural land transformation m2 1.87 0.9 3.8 0.9 -45.3 53.7 

Ozone depletion kg CFC-11 eq 0.0009 0.0006 0.0015 0.0002 0.00008 0.0003 

Particulate matter formation kg PM10 eq 8.2 6.9 12 2.2 1.3 4.8 

Photochemical oxidant formation kg NMVOC 16 13.4 20.6 6.3 3.7 12.6 

Terrestrial acidification kg SO2 eq 32.5 27.1 51.4 6.6 3.8 16.9 

Terrestrial ecotoxicity kg 1,4-DB eq 11.8 9.9 13.9 0.09 0.04 0.2 

Urban land occupation m2a 79.3 60.9 107 36.2 10.6 202.0 

Water depletion m3 8050 6260 12300 4290 2210.0 8510.0 
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Chapter 4 The Production of Phthalic Anhydride from Hemicellulose 

Solutions: Technoeconomic Analysis and Life Cycle Assessment 
 

 

In the previous chapters, we have analyzed the production of biobased p-xylene from C6 sugar and 

shown that the biobased chemicals are usually more expensive than those from oil sources, but present 

comparable environmental impacts as oil-based chemicals. The most important components of the cost 

and environmental impacts come from the cultivation biomass feedstocks and its loss to low value by-

products as well as the necessity of the large amounts of solvents. Thus the idea of a biorefinery focusing 

on the production of high added value products (and byproducts) is very useful to make the production 

more competitive. The production of PAN offers an alternative to utilize C5 sugars. However there is 

limited work in the literature to cover the economic analysis and LCA of the production starting from C5 

sugars. This chapter aims to design a process for the production of PAN based on a novel path that uses 

a renewable biomass feedstock and evaluate its technoeconomic potential and environmental burdens.  

 

4.1 Reaction routes 

 

The overall reaction routes is shown in Figure 4-1 and detailed description is provided as following: 

Furfural production: Furfural can be produced from xylose using reactive extraction, which leads 

to much higher yield than that of the current industrial practice (i.e. 55%) [31], which has been 

implemented in this work. Specifically furfural is produced in a biphasic reactor having two liquid phases 

(one water rich and one water depleted phase). Xylose dehydration occurs in the aqueous phase in 

presence of an acid (i.e. HCl) catalyst. Furfural is extracted to the organic rich phase to minimize losses 
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due to side reactions. THF is used as extractant and NaCl is added in the aqueous phase to promote the 

partition coefficient of furfural [31]. The highest obtained conversion and selectivity of furfural are 100% 

and 90%, respectively, at 493 K, 2:1 organic to aqueous phase volumetric ratio, and 0.35mol/L HCl [31].  

Furan production: Reductive decarbonylation can be achieved by using either high or low H2 to 

furfural ratios [37, 38]. In the former case a 20:1 H2 to furfural ratio is typically used at 533 K together 

with K-doped Pd/Al2O3 resulting in high furan yields (~99.5%), which leads to longer catalyst lifetime 

due to the regeneration of the catalysts with H2 [37]. However, such high H2 to furfural ratio increases 

the volume of the processing units and causes separation issues of CO, H2, and furan due to low 

concentration of furan which is less than 0.05%. In the latter case a 2:1 H2 to furfural ratio is used at 573 

K with Pd/Li-aluminate catalysts promoted by cesium carbonate. This might lead to a shorter catalyst 

lifetime but simplifies the recovery system. The overall yield at 95.2% conversion is ~91% which is 

slightly lower than that of the high ratio case. However, since recovery of furan is easier the reductive 

decarbonylation using the low H2 to furfural ratio is selected. The byproducts include furfuryl alcohol 

with 3.23% selectivity, and methylfuran with 0.97% selectivity [38]. 

Maleic Anhydride production: MA is converted from furfural via gas phase oxidation, which 

mechanistically contains three stepwise oxidations -- first furfural to furan, then furan to 2-furanone and 

finally 2-furanone to MA [44]. The products vary depending on the reaction conditions (i.e. temperature 

and pressure) and catalyst structure. The reaction is assumed to occur at 593 K with 570 kPa O2 and 150 

kPa furfural using VOx/Al2O3 as solid catalysts. The conversion of furfural is 100% and the selectivity of 

MA is 73%. Neither furan nor 2-furanone were detected under the specific conditions and the only 

byproduct is the furfural resin [44]. In the simulation, air is used as the oxygen source since the other 

compositions of air do not participate in the reaction and the usage of air also has the advantage to avoid 

the explosion [42, 43]. 
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Phthalic Anhydride production: The previously-produced furan and MA are converted to PAN in 

two steps. The first step is a Diels-Alder cycloaddition of furan and MA to produce exo-4,10-dioxa-

tricyclo[5.2.1.0]dec-8-ene-3,5-dione (oxanorbornene dicarboxylic anhydride or ODA) at the room 

temperature and 170 kPa under solvent-free conditions. The conversion of the furan and MA is 96% and 

the selectivity of ODA is 100%. Next, the ODA is dehydrated to PAN with 100% conversion in the 

existence of mixed-sulfonic carboxylic anhydrides in methanesulfonic acid (MSA) at the room 

temperature. The selectivity of PAN is 80% (not including those that are later converted to phthalic acid 

(PAD)), while partial amount of PAN is converted to PAD accounting for 7% of ODA. 5% of ODA is 

under the retro-Diels–Alder reaction to produce MA and furan which is subsequently polymerized to 

polymer-F, while the rest 95% of ODA is under the polymerization of ODA to convert into polymer-O 

[46]. 

Acetic anhydride recovery from acetic acid: Mixed-sulfonic carboxylic anhydrides in 

methanesulfonic acid is used as the solvent in the dehydration of ODA to PAN, which mixes MSA with 

acetic anhydride (AAN) to generate acetyl methanesulfonate (AMSA) and acetic acid. At the end of 

reaction AMSA is converted back to MSA but AAD is coproduced with reaction proceeding [46]. Given 

the large amount of AAD produced and the large price difference between AAN ($1885/metric ton [164])  

and AAD ($665/metric ton [165]), the dehydration of AAD to AAN has been taken into the consideration. 

Specifically, the AAD is dehydrated to ketene at a temperature around 973K and total pressure of between 

20 and 30 kPa using triethylphosphate as a catalyst. The conversion of AAD is about 80-90% and the 

selectivity to ketene is about 90-95%.  The ketene is then reacted with AAD to form AAN with 99% 

selectivity at 318-328 K [166].   
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Figure 4-1 The reaction route for the biobased phthalic anhydride production 

 

4.2 Process Design and Simulation 

 

A novel process is designed and simulated to produce PAN based on the aforementioned reaction 

routes using Aspen Plus® V8.6. [31, 38, 44, 46, 166]. Most of components involved in the simulation are 

directly selected from Aspen database, while the compounds that are not included in the database are 

defined by their molecular structure with the properties estimated by ThermoData Engine (TDE) that 
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corresponds to a thermodynamic data correlation, evaluation, and prediction tool developed by the 

National Institute of Standard and Technology (NIST) and implemented in Aspen Plus [167, 168]. More 

specifically, ODA, MSA and AMSA are defined by their structure. The solid formation enthalpy and the 

solid heat capacity of ODA are estimated as 10.97 kJ·mol-1 and 139.07+9.65×T J·mol-1·K-1 using two 

different functional group methods developed in references [169] and [170] correspondingly. Those 

compounds with no specific molecular structure or complex structure are specified by the surrogates, for 

example polymer-O (polymer of ODA) and polymer-F (polymer of furan)  are assumed as C8H6O4 and 

C8H8O2 based on the compositions of C, H and O elements in [46] which are the solid surrogates of 

phthalic acid and methyl-benzoate. The NRTL method is utilized to predict the liquid-liquid and liquid-

vapor behavior of the main units while the ideal method is employed to calculate the energy balance for 

the mixers, splitters and filters. The missing binary parameters in NRTL model are estimate using the 

UNIFAC method [167]. The behavior of extraction is estimated by user-supplied partition coefficients 

from the preliminary experimental results. The reaction and separation stages have not been optimized 

given the fact that there is limited knowledge regarding the optimum reaction conditions, and the 

identification and utilization of byproducts.   

Furthermore, the following assumptions are made to design and simulate the production process:  

1. The inlet streams of furfural for the production of furan and MA are adjusted to ensure the 

appropriate molar amounts of furan and MA required for the production of PAN. 

2. The H2 molar ratio to furfural is fixed at 2:1 in the production of furan. 

3. The flow of air stream fed into the MA production section is adjusted to ensure that the O2 molar 

ratio to furfural is 3.6:1.  

4. Considering the complexity of the separation of H2 and CO, the mixed syngas (primarily 

consisting of H2 and CO) from the furan production is assumed as the raw material for other synthesis 
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processes which can be used to produce several chemicals such as oxo alcohols, methanol or synthetic 

fuel.  

5. The molar ratio of MSA to AAN to PAN is selected from [46] as 39:26.4:6.02. 

6. Toluene is used to extract PAN or PAD from the product mixtures containing solvents of MSA 

and AMSA. The volumetric ratio of toluene to the product stream is selected as 2:1 [46]. 

7. Since the crystallization rates of PAN or PAD and polymer-O are not known, the surrogate model 

is approximated by a liquid-to-solid reactor, which only takes into consideration the overall percentage 

of liquid that is crystallized to solid. The default value of solid size is used as 0.83 millimeter and the 

crystallization rate is assumed as the flow rate of the solid components. 

 

4.2.1 Process Flowsheet 

 

The process flowsheet is shown in Figure 4-2 including six sections. Section 100 represents to the 

furfural production from xylose which is based on the process flowsheet proposed in reference [31]. 

Hemicellulose solution containing makeup sodium chloride and HCl (stream 1) is mixed the recycled 

HCl (stream 6) and sodium chloride (stream 9) enters the biphasic reactor (101). The makeup THF 

solvent (stream 2) and recycled THF (stream 13) are used as extractant solvent. The organic phase (stream 

11) of the biphasic reactor (101) mainly contains THF, furfural, formic acid and acetic acid. A THF 

distillation column (102) is used to separate the THF to recycle. Stream 13 connects to a furfural 

distillation column (104) where furfural (stream 16) is obtained from bottom and the top stream 15 is fed 

to another distillation column (105) to separate formic acid (stream 17) and AAD (stream 18) [31].  The 

aqueous phase (stream 3) connects to a filter (107) to remove humins (stream 5) and the solutions (stream 
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4) is fed to a flash drum (108) to recycle most of HCl (mixed with water) (stream 6). The bottom stream 

7 is connected to a flash drum (109) to evaporate most water to recycle sodium chloride (stream 9). 

Section 200 contains the production of furan from furfural. Furfural (stream 20) mixed with H2 

(stream 21) enters into the decarbonylation reactor (202) to be converted to furan at 573 K and 172 kPa. 

The product stream 23 then connects to a distillation column (203) to remove the low boiling compounds 

such as H2 and CO (stream 24). The distillation column is selected to separate furans from H2 and CO so 

that they can be used as syngas to participate in the other synthesis process without the need of other 

purification. The heavy stream 25 connects to a distillation column (204) to recover and recycle any 

unreacted furfural (Stream 27) and to remove the furfuryl alcohol (stream 28). The distillate (stream 26) 

enters another distillation column (205) that produces pure furan (stream 29) in the top. The bottom 

stream 30 mainly contains methylfuran and water. Section 300 involves the production of MA from 

furfural. Air (stream 32) is compressed into the oxidation reactor (302) and mixed with furfural (stream 

31) to produce MA. The product stream 33 enters a filter (303) to remove the polymer of furfural (stream 

35). The liquid stream 36 is then fed to a flash (304) to remove N2 CO2, and unreacted O2. The remaining 

water is removed in a distillation column (305) to obtain pure MA.  

ODA is manufactured in Section 400. Furan (stream 29) and MA (stream 40) mixed with recycled 

furan and MA (streams 45 and 66) enter the cycloaddition reactor (401). Stream 41 is washed with furan 

(stream 44) and connected to a filter (403) to purify the ODA (stream 46). The liquid phase (stream 43) 

connects to a flash (404) to split into washing furan (stream 43), and unreacted furan and MA (stream 

45). Section 500 includes the dehydration of ODA to PAN. Solvent MSA (stream 47) is mixed with AAN 

(stream 79) and recycled MSA and AMSA (stream 62) in a mixer (501) to generate AMSA and AAD 

which is then fed to the dehydration reactor (502) with ODA (stream 46) to produce PAN where AMSA 

is converted back to MSA and AAD. The co-products include MA, polymer-O and polymer-F. Polymer-
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F exists as the solid in the stream 49 and is removed via a filter (503). Then toluene (stream 52 and 57) 

are added to extract the PAN and PAD from the main effluent (Stream 51). The toluene rich phase 

(Stream 53) mainly containing the PAN and PAD enters a crystallizer (505) and a filter (507) to achieve 

pure PAN (containing a small amount of PAD) (stream 56). The MSA-rich phase (Stream 54) first enters 

a crystallizer (505) followed by a filter (508) to remove the polymer-O (stream 59). The liquid phase 

(Stream 60) is then fed into a distillation column (509) to recycle MSA and AMSA (Stream 62). The top 

stream 61 enters another distillation column (510) to separate AAD (stream 63) and MA (stream 66).  

AAN is recovered from AAD at section 600. AAD (stream 64) enters the dehydration reactor (601) 

to be converted into ketene. The reaction occurs at a temperature around 973K and pressure of 30 kPa 

using triethylphosphate (stream 65) as a catalyst. Ammonia (stream 68) is added at the heater (602) exit 

(i.e. H1) to avoid the reverse reaction. A slightly excess of ammonia generates acetamide acting as a 

ketene polymerization inhibitor in the recovery step. The mixed stream is then fed to a decanter (603) at 

273K to generate ketene rich phase (stream 70) and water rich phase (stream 71). Ketene rich phase is 

absorbed by and reacted with AAD (stream 72 and 73) to form AAN with 99% selectivity at an absorber 

(605). The cooling of the absorber is useful to avoid the side reactions such as ketene polymerization. 

The top stream 74 connects to a flash (606) to remove methane and CO2 (stream 76). Bottom stream 68 

from the absorber (605) containing about 90% AAN with excess AAD, are separated using a distillation 

column (607). The top stream 78 mixed with stream 71, 77 and 84 enters an azeotropic column (608) 

using ally ester (stream 80) as the azeotropic solvent to remove water (mixed with ally ester). A decanter 

(609) is employed to remove water from ally ester [171].  
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Figure 4-2 The process diagram: Section 100 – furfural production, Section 200 furan production, Section 300 - maleic anhydride 

production, Section 400 – ODA production, Section 500 – phthalic anhydride production, and Section 600 – recovery of acetic 

anhydride  

 



88 

 

Table 4-1 Summary of input and output flow information (ton/hr) 

(a) Section 100 

 Formic 

acid 

HCl Water   NaCl               THF                      Xylose* Furfural Acetic 

acid 

Humins 

1 0.87  0.47  426.33  0.50  0.00  65.48  0.24  2.33  0.00  

2 0.00  0.00  0.00  0.00  0.90  0.00  0.00  0.00  0.00  

3 2.21  8.23  512.33  24.91  1.19  0.00  0.86  1.85  5.66  

4 2.17  8.07  502.08  24.42  1.17  0.00  0.84  1.81  0.28  

5 0.04  0.16  10.25  0.50  0.02  0.00  0.02  0.04  5.38  

6 0.21  7.76  48.04  0.00  1.03  0.00  0.30  0.10  0.00  

7 1.95  0.31  454.05  24.42  0.14  0.00  0.54  1.71  0.28  

8 1.83  0.31  424.00  0.00  0.14  0.00  0.51  1.52  0.00  

9 0.12  0.00  30.05  24.42  0.00  0.00  0.03  0.19  0.28  

11 6.00  0.00  0.37  0.00  759.18  0.00  29.02  16.61  0.00  

12 0.00  0.00  0.36  0.00  758.40  0.00  0.00  0.00  0.00  

12(purge) 0.00  0.00  0.01  0.00  0.78  0.00  0.00  0.00  0.00  

14 6.00  0.00  0.00  0.00  0.02  0.00  29.02  16.61  0.00  

15 6.00  0.00  0.00  0.00  0.02  0.00  0.00  16.61  0.00  

16 0.00  0.00  0.00  0.00  0.00  0.00  29.02  0.01  0.00  

17 5.93  0.00  0.00  0.00  0.02  0.00  0.00  0.01  0.00  

18 0.06  0.00  0.00  0.00  0.00  0.00  0.00  16.60  0.00  

* Xylose includes xylose monomer and oligomer 

(b) Section 200 

Stream No. Water                    Furan                    Furfural                 H2                       Methylfuran                   CO                       Furfuryl Alcohol                  

20 0.00 0.00 12.97 0.00 0.00 0.00 0.00 
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21 0.00 0.00 0.00 0.54 0.00 0.00 0.00 

23 0.02 8.80 0.68 0.53 0.11 3.62 0.52 

24 0.00 0.03 0.00 0.53 0.00 3.62 0.00 

25 0.02 8.77 0.68 0.00 0.11 0.00 0.52 

26 0.02 8.76 0.00 0.00 0.11 0.00 0.00 

27 0.00 0.01 0.68 0.00 0.00 0.00 0.08 

28 0.00 0.00 0.00 0.00 0.00 0.00 0.44 

29 0.01 8.74 0.00 0.00 0.00 0.00 0.00 

30 0.02 0.03 0.00 0.00 0.11 0.00 0.00 

 (c) Section 300 

Stream No. Water                    MA                       Furfural                 Polymer of furfural                 O2                       CO2                      N2                       

31 0.00 0.00 16.05 0.00 0.00 0.00 0.00 
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32 0.00 0.00 0.00 0.00 14.96 0.00 48.84 

33 0.00 0.00 0.00 0.00 14.96 0.00 48.84 

34 2.26 11.95 0.00 4.17 6.89 5.73 48.84 

35 0.00 0.00 0.00 4.17 0.00 0.00 0.00 

36 2.26 11.95 0.00 0.00 6.89 5.73 48.84 

37 0.94 0.02 0.00 0.00 6.89 5.73 48.84 

38 1.32 11.94 0.00 0.00 0.00 0.00 0.00 

39 1.32 0.02 0.00 0.00 0.00 0.00 0.00 

40 0.00 11.91 0.00 0.00 0.00 0.00 0.00 

 (d) Section 400 

Stream No. Water                    Acetic Acid                    ODA                     Furan                    MA                       AMSA                     

41 0.12 0.00 21.20 0.34 0.52 0.36 
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42 0.12 0.00 21.20 34.04 0.52 0.36 

43 0.12 0.00 0.00 34.04 0.52 0.36 

44 0.00 0.00 0.00 33.70 0.00 0.00 

44 (purge) 0.00 0.00 0.00 0.03 0.00 0.00 

45 0.11 0.00 0.00 0.29 0.50 0.34 

45 (purge) 0.01 0.00 0.00 0.02 0.03 0.02 

46 0.00 0.00 21.20 0.00 0.00 0.00 

(e) Section 500 

Stream No. Acetic Acid                    MA                       PAN                  PAD                 Toluene                  Polymer-F                 Polymer-O                 MSA AMSA                     

47 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.40 0.00 

48 6.28 0.11 0.52 0.05 0.00 0.00 0.00 111.00 25.74 

49 12.41 0.74 15.64 1.54 0.00 0.43 1.69 120.81 11.64 
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50 0.01 0.00 0.02 0.00 0.00 0.43 0.00 0.12 0.01 

51 12.39 0.73 15.62 1.53 0.00 0.00 1.69 120.69 11.63 

52 0.00 0.00 0.00 0.00 0.12 0.00 0.00 0.00 0.00 

53 2.76 0.16 15.10 1.48 115.18 0.00 0.38 0.08 2.58 

54 12.39 0.73 0.52 0.05 0.00 0.00 1.69 120.69 11.63 

55 2.76 0.16 15.10 1.48 115.18 0.00 0.38 0.08 2.58 

56 0.00 0.00 15.10 1.48 0.00 0.00 0.00 0.00 0.00 

57 2.76 0.16 0.00 0.00 115.06 0.00 0.38 0.08 2.58 

57 (purge) 0.00 0.00 0.00 0.00 0.12 0.00 0.00 0.00 0.00 

58 12.39 0.73 0.52 0.05 0.00 0.00 1.69 120.69 11.63 

59 0.01 0.00 0.00 0.00 0.00 0.00 1.69 0.12 0.01 

60 12.38 0.73 0.52 0.05 0.00 0.00 0.00 120.57 11.62 
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61 12.38 0.62 0.00 0.00 0.00 0.00 0.00 0.00 0.02 

62 0.00 0.11 0.52 0.05 0.00 0.00 0.00 120.45 11.58 

62 (purge) 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.12 0.01 

63 12.38 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 

66 0.00 0.62 0.00 0.00 0.00 0.00 0.00 0.00 0.02 

(f) Section 600 

Stream No. Acetic Acid                    AAN    Ketene                   Water                    CO2                      Methane                  Allyl ester                Triethylphosphate Ammonia 

64 7.99 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 

65 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 

67 1.28 0.00 4.31 1.85 0.41 0.15 0.00 0.00 0.00 

68 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.08 0.00 

69 1.28 0.00 4.31 1.85 0.41 0.15 0.00 0.08 0.00 
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70 1.28 0.00 4.31 0.04 0.41 0.15 0.00 0.00 0.08 

71 0.00 0.00 0.00 1.80 0.00 0.00 0.00 0.08 0.08 

72 0.62 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 

73 4.39 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 

74 0.08 0.54 0.00 0.09 0.41 0.15 0.00 0.00 0.00 

75 0.81 12.77 0.00 0.06 0.00 0.00 0.00 0.00 0.00 

76 0.01 0.00 0.00 0.01 0.41 0.15 0.00 0.00 0.00 

77 0.07 0.54 0.00 0.08 0.00 0.00 0.00 0.00 0.00 

78 0.68 2.30 0.00 0.06 0.00 0.00 0.00 0.00 0.00 

79 0.13 10.46 0.00 0.00 0.00 0.00 0.00 0.00 0.00 

80 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 

81 1.87 2.84 0.00 1.98 0.03 0.00 0.17 0.08 0.08 
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82 1.12 0.00 0.00 1.88 0.03 0.00 0.16 0.08 0.08 

83 0.75 2.84 0.00 0.11 0.00 0.00 0.00 0.00 0.00 

84 1.12 0.00 0.00 0.04 0.03 0.00 0.16 0.00 0.00 

85 0.00 0.00 0.00 1.84 0.00 0.00 0.00 0.08 0.08 
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4.2.2 Simulation Results 

 

The proposed process provides an alternative to produce PAN starting from 

hemicellulose – one of the main compositions of lignocellulosic biomass feedstock. The 

summary of flow rates is listed in Table 4-1. The overall amount of xylose (dried basis) 

needed is 551.4 kton/yr as well as 4.3kton/yr of H2, which yields 132.6 kton/yr PAN and 

PAD. The byproduct stream includes 133.4 kton/yr of AAD, 33.4 kton/yr of syngas, 47.7 

kton/yr of formic acid, 3.5 kton/yr of furfuryl alcohol, 33.4 kton/yr of polymer of furfural, 

14.6 kton/yr of polymer-O, and 4.7 kton/yr of polymer-F. The production of PAN from 

biomass feedstock involves gas, liquid and solid phases; thus it requires a number of 

different separation units including flash, distillation column, decanter, crystallizer, filter 

and extractor. In addition it also requires a large amount of solvents such as THF and MSA.  

The production of PAN (Section 400 and 500) can also start with the petroleum-based 

production of MA and furan. The petroleum-based furan can be produced from C4 such as 

1-butene, 2-butene and 1,3-butadiene in either vapor phase [172, 173] or liquid phase [174, 

175]. The vapor phase processes are generally characterized by low conversion and 

selectivity due to the instability of furan compounds at high temperatures in the presence 

of oxygen which leads to the formation of resinous compounds and uncontrolled 

polymerization with tars [172, 173]. In comparison, the production in liquid phase can lead 

to much higher selectivity; for example the reaction of butadiene to furan can achieve up 

to 99% of selectivity of furan with 13.2% conversion in presence of Ru3(CO)12/(n-

C4H9)3GeI catalyst based on the results that selectivity is maximized [175]. The subsequent 

separation of pure furan from unreacted butadiene and solvent (i.e. chlorobenzene) can be 
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achieved using a condenser and a distillation column. The industrial production of MA 

starts with  petroleum source specifically either benzene or n-butane at 393-423K [41]. The 

process includes following steps - catalytic packed bed reaction to MA, MA conversion 

into maleic acid using an adsorption tower and then maleic acid dehydration back to MA. 

Finally pure products are achieved by a distillation separation. This petroleum-based 

production achieves lower yield than the biobased alternative. In addition the raw materials 

of petroleum alternative such as butadiene and butane vary dramatically with different 

season. For example butadiene price increased from $850 to $1468 over the last year [176]. 

In summary, such petroleum-based alternative present worse performance than the 

biobased alternative in terms of overall yield and raw materials cost. 

 

4.3  Economic Analysis 

 

Aspen Economic Analyzer® V8.6 is employed to estimate the equipment and operating 

costs of PAN production which are based on the quotes of first quarter in 2013 [177]. The 

discounted cash flow analysis is then used to determine the minimum cost of PAN which 

is defined as the selling price of the product when the net present value (NPV) is zero [131]. 

The capacity of the plant is 132.6 kton PAN per year, which is based on the largest capacity 

of the PAN plant in US [178]. The assumed capacity requires the use of 551.4 kton (dry 

basis) hemicellulose solution per year roughly that needs 1593 kton biomass feedstocks. A 

paper mill plant is one possible source of the required hemicellulose quantities [179]. 

Furthermore, the total annual biomass resources available in the United States are roughly 

423 million ton [132]. Therefore, if further developments in the area of biorefinery are 

implemented a standalone plant with capacity of 132.6 kton/yr can also be considered as 
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realistic long-term alternative. In any case the impacts of plant capacity on the economics 

are addressed using sensitivity analysis.  

 

Table 4-2 Summary of investment parameters 

 

Name Characterization 

Operating mode Continuous; 8000 hour/yr 

Economic life 20 yrs 

Internal rate of return (ROR) 15% 

Escalation rate 3.5% 

Tax rate 35% 

Salvage value 10% 

Depreciation method Straight line 

Working capital percentage 5% 

Plant overhead 50% 

G and A Expense 8% 

 

The investment parameters implemented in this work are listed in Table 4-2 while the 

raw materials’ cost is summarized in Table 4-3. The production of hemicellulose solutions 
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using dilute acid hydrolysis has been previously examined in our work [180]. The 

economic analysis is based on the capital cost reported in [181] and scaled to first quarter 

of 2013 and capacity using in our simulation. The burning heat from lignin is used to 

coproduce heating steam that is needed in the hydrolysis process and excess electricity that 

can be sold to the grid. One ton biomass feedstock can be used to produce 0.346 ton (dry 

basis) of hemicellulose, 0.211 ton (dry basis) of glucose, and 0.187 kwh of electricity. The 

biomass feedstock is assumed as $80/ton [151]. The capital cost is determined $785 million 

from which the total installed equipment is $432 million accounting for 55% of the capital 

cost. The operating cost is estimated as $122 million/yr. The glucose price is fixed at 

$300/ton and the excess electricity is $0.0688/kWh  so that the hemicellulose solution is 

determined as $135/ton [181]. This number is very close to $130/ton of xylose which is 

derived from pre-processing extracts at an integrated forest products refinery at a hardwood 

mill.9  The syngas mixture including H2 and CO is considered the same value of natural 

gas which is averaged to $3.79/GJ with heating value as 53.5 GJ/metric ton [182]; thus the 

syngas is $203/metric ton. The price of AAD varied from about $650 to 1000/metric ton 

during the last 10 years span [165] and the current price is at the bottom of that range. The 

value of polymer of furfural, polymer-O and polymer-F are unknown thus not included for 

the base scenario.  

The catalyst cost is estimated as precious metal cost plus $11000/ton of supported 

catalyst and catalyst manufacturing [59]. The Pd/Li-aluminate catalyst that is used in the 

conversion of furfural to furan consists of 0.5 wt% Pd with the unit price of $28614/kg 

[183], leading to the unit price of Pd/Li alluminate is $154000/ton. The total amount of 

catalyst is estimated based on the bench-scale data and obtained as 2.04 ton/charge [38]. 
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The VOx/Al2O3 catalyst used for the maleic anhydride production is $11000/ton. The 

VOx/Al2O3 catalyst used for the maleic anhydride production is $11000/ton. The amount 

is extrapolated from the available information in [44] and calculated as 30.60 ton/charge. 

It is assumed that the deactivation of catalysts is caused by the production of coke. The 

coke on the catalyst is burned off at a temperature around 783 K [134-136]. Exact 

information about the catalyst stability on stream is not known; however based on the 

literature Pd/Li-aluminate and VOx/Al2O3 remain active for at least 116 hr and 12 hr, 

respectively [38, 44]. The catalyst regeneration usually takes 5 hours [134-136]. Therefore 

continuous regeneration of catalysts is assumed at 783 K though the regeneration 

temperature highly depends on the reaction conditions, coke composition etc._ENREF_24 

Two reactors are assumed to operate in parallel one for conversion and one for catalyst 

regeneration. The heating needed in the regeneration of the catalysts is provided by the 

combustion process of the hydrocarbons formed in the reaction. The overall catalyst life is 

usually between 6 to 24 months and hereby assumed to be six months based on the 

conservative estimation [134-136]. 99% of precious metals are assumed to be recovered so 

that 1% of makeup metal and the catalyst support and manufacturing cost are required 

every six months. Thus the capital cost of Pd/Li-aluminate catalyst is $0.628million and 

the operating cost is $93.23 k/yr while the capital cost of VOx/Al2O3 is $0.673 million and 

the operating cost is $1.26 million/yr.  

Transportation cost and wastewater treatment have not been included. Sensitivity 

analysis is utilized to assess the uncertainties resulted from the assumptions related to raw 

materials cost and the byproducts selling price as well as to address the effect of reaction 

conversion and selectivity.  
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Table 4-3 Summary of raw materials cost and byproducts 

 

Compounds Price ($/ton) 

Hemicellulose solution 135 (dry basis)  

NaCl 100 [184] 

THF 1500 [184] 

HCl 115 [59] 

Hydrogen  653 [59] 

MSA 3000 [184] 

toluene  1070 [185] 

ally ester 5250 [184] 

Syngas  203 [182] 

Furfuryl alcohol 1500 [184] 

Formic acid 1200 [31] 

Acetic acid 665 [165] 
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4.3.1 Economics Results 

 

Heat integration has also been performed using Aspen Energy Analyzer v8.6. The 

capital costs are listed in Table 4-4. The total capital cost is estimated at $451.48 million 

including heat exchangers used to achieve heat integration. It is noted that equipment 

purchase accounts for 33.0% of the total capital cost, while the initial charge of the catalysts 

contributes less than 0.29%. The detailed equipment cost of each unit is shown in Table 4-

5. The total purchased equipment cost is estimated at $148.97 million where 41.4% of it 

comes from the heat exchangers required for the production and heat integration including 

condensers and reboilers. The second largest contributor is from purchased equipment 

(excluding the heat exchangers) in section 100 namely the dehydration of xylose, 

accounting for 30.3%. The reason of such high contribution of section 100 is that the 

dehydration of xylose uses dilute solution (10.7% xylose) to improve selectivity and 

moreover the 2:1 THF to aqueous phase volumetric ratio further increases the volume of 

the system [31]. The combination of acid and salts requires the equipment materials at the 

section 100 to be an expensive acid and salt resistant metal alloy. Another significant 

contributor is the equipment cost from section 500 accounting for 7.5% since this section 

also involves the usage of solvent eventually leading to about 10% PAN solution and 

requires complex separation processes including distillation, extraction, crystallization and 

filter.  
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Table 4-4 Summary of Capital cost 

 

Name Million $ Percentage 

Purchased Equipment 148.97  33.00% 

Initial Catalyst 1.30  0.29% 

Equipment Setting 0.80  0.18% 

Piping 124.49  27.57% 

Civil 3.69  0.82% 

Steel 0.85  0.19% 

Instrumentation 7.56  1.67% 

Electrical 1.82  0.40% 

Insulation 4.82  1.07% 

Paint 0.30  0.07% 

Other* 67.96  15.05% 

Subcontracts 0.00  0.00% 

G and A Overheads 10.46  2.32% 

Contract Fee 9.60  2.13% 
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Escalation 0.00  0.00% 

Contingencies 68.87  15.25% 

Total Project Cost 451.48  100.00% 

 

* Other contains design, engineering, and procurement costs; material charges (freight 

and taxes); and construction field indirect costs (fringe benefits, burdens, 

consumables/small tools, insurance, equipment rental, field services, field office 

construction supervision, and plant start-up)  

 

Table 4-5 Summary of Equipment Cost 

 

Unit   

materials Equipment Cost 

Name Mapping Type 

      (Million USD) 

R101 DAT REACTOR    TI150A 23.88  

Comp-103 DGC CENTRIF    SS316 5.55  

DC102-cond acc DHT HORIZ DRUM CS 0.11  

DC102-reflux pump DCP CENTRIF    CS 0.10  

DC102-tower DTW TOWER      SS317 5.91  

DC104-cond acc DHT HORIZ DRUM SS317 0.25  

DC104-reflux pump DCP CENTRIF    SS316 0.11  
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DC104-tower DTW TOWER      SS317 5.67  

DC105-cond acc DHT HORIZ DRUM SS317 0.05  

DC105-reflux pump DCP CENTRIF    SS316 0.01  

DC105-tower DTW TOWER      SS317 0.73  

F107 DF ROTY DRUM SS316 0.17 

FL108 DVT CYLINDER TI150A 0.83 

FL109 DVT CYLINDER TI150A 1.71 

Subtotal section 100     45.08 

comp201 DGC CENTRIF    SS304 0.61  

R202 DHT JACKETED   SS304 0.04  

R202-copy DHT JACKETED   SS304 0.04  

DC203-cond acc DHT HORIZ DRUM SS304 0.03  

DC203-reflux pump DCP CENTRIF    SS304 0.01  

DC203-tower DTW TOWER      SS304 0.16  

DC204-cond acc DHT HORIZ DRUM CS 0.02  

DC204-reflux pump DCP CENTRIF    CS 0.01  

DC204-tower DTW TOWER      CS 0.36  

DC205-cond acc DHT HORIZ DRUM CS 0.02  

DC205-reflux pump DCP CENTRIF    CS 0.01  

DC205-tower DTW TOWER      CS 0.33  

Subtotal section 200     1.64  

Comp-301 EAC CENTRIF M  CS 1.37  
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Comp-301-COPY EAC CENTRIF M  CS 1.37  

R302 DHT JACKETED   SS304 0.08  

R302-copy DHT JACKETED   SS304 0.08  

F303 DF  ROTY DRUM  CS 0.13  

FL-304 DVT CYLINDER   CS 0.05  

DC305-cond acc DHT HORIZ DRUM CS 0.02  

DC305-reflux pump DCP CENTRIF    CS 0.00  

DC305-tower DTW TOWER      CS 0.20  

Subtotal section 300     3.29  

R401 DAT REACTOR    CS 0.80  

F403 DF  ROTY DRUM  CS 0.27  

FL404 DVT CYLINDER   CS 0.06  

Subtotal section 400     1.13  

M 501 DAT REACTOR    SS317 0.23  

R502 DAT REACTOR    SS317 5.34  

F503 DF  ROTY DRUM  SS316 0.49  

E504 DTW TRAYED     SS317 0.78  

CR505 ECRYOSLO       CS 1.59  

CR506 ECRYOSLO       CS 0.43  

F507 DF  ROTY DRUM  CS 0.25  

F508 DF  ROTY DRUM  SS316 0.16  

DC509-cond acc DHT HORIZ DRUM SS317 0.04  
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DC509-reflux pump DCP CENTRIF    SS316 0.01  

DC509-tower DTW TOWER      SS317 1.37  

DC510-cond acc DHT HORIZ DRUM SS317 0.05  

DC510-reflux pump DCP CENTRIF    SS316 0.01  

DC510-tower DTW TOWER      SS317 0.47  

Subtotal section 500     11.22  

R601 EFU PYROLYSIS  SS316 0.78  

D603 DVT CYLINDER   SS317 0.05  

A605 DTW TS ADSORB  SS317 2.14  

FL606 DVT CYLINDER   SS317 0.05  

DC607-cond acc DHT HORIZ DRUM SS317 0.03  

DC607-reflux pump DCP CENTRIF    SS316 0.01  

DC607-tower DTW TOWER      SS317 0.43  

DC608-cond acc DHT HORIZ DRUM SS317 0.04  

DC608-reflux pump DCP CENTRIF    SS316 0.01  

DC608-tower DTW TOWER      SS317 0.59  

D609 DVT CYLINDER   SS317 0.05  

Subtotal section 600     4.18  

  Hot Stream Cold Stream   

HX 101 4 mixture of 2,10,13 6.43  

HX 102 23 mixture of 2,10,13 0.70  
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HX 103 mixture of 47, 62, 79 mixture of 2,10,13 3.81  

HX 104 mixture of 47, 62, 79 mixture of 2,10,13 2.82  

HX 105 67 mixture of 2,10,13 0.25  

HX 106 36 mixture of 2,10,13 2.52  

HX 107 DC102-cond cooling water 9.74  

HX 108 34 DC102-reb 1.32  

HX 109 36 DC102-reb 0.39  

HX 110 mixture of 47, 62, 79 DC102-reb 1.25  

HX 111 DC104-cond cooling water 0.10  

HX 112 high pressure steam DC104-reb 0.06  

HX 113 DC105-cond cooling water 0.10  

HX 114 mixture of 47, 62, 79 DC105-reb 0.43  

HX 115 4 7 17.49  

HX 116 4 DC203-reb 0.18  

HX 117 4 43 2.12  

HX 118 4 DC608-reb 2.12  
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HX 119 4 51 0.39  

HX 120 DC509-cond 7 8.95  

HX 121 DC203-cond refrigerant-propane 0.02  

HX 122 DC203-cond refrigerant-ethylene 0.05  

HX 123 DC204-cond cooling water 0.10  

HX 124 34 DC204-reb 0.26  

HX 125 DC205-cond cooling water 0.03  

HX 126 low pressure steam DC205-reb 0.03  

HX 127 34 DC509-reb 8.85  

HX 128 36 cooling water 0.45  

HX 129 DC305-cond cooling water 0.01  

HX 130 high pressure steam DC305-reb 0.06  

HX 131 DC510-cond 43 0.25  

HX 132 low pressure steam 43 0.02  

HX 133 mixture of 47, 62, 79 cooling water 0.54  

HX 134 48 cooling water 1.27  
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HX 135 53 cooling water 1.85  

HX 136 54 cooling water 1.85  

HX 137 high pressure steam DC510-reb 0.04  

HX 138 natural gas mixture of 64,65 1.94  

HX 139 67 mixture of 64,65 0.09  

HX 140 67 cooling water 0.01  

HX 141 69 refrigerant-propane 1.28  

HX 142 mixture of 70,72,73, 83 cooling water 1.86  

HX 143 74 cooling water 0.02  

HX 144 DC607-cond cooling water 0.05  

HX 145 medium pressure steam DC607-cond 0.04  

HX 146 DC608-cond cooling water 0.12  

HX 147 82 cooling water 0.17  

Subtotal HX     61.64  

sum     148.97 

 

The total operating cost with the consideration of heat integration is summarized in 

Table 4-6. The total operating cost is $151.34 million/yr which mainly comes from the raw 
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materials cost accounting for 70.47%. More specifically, the biomass feedstock 

(hemicellulose solution) accounts for 69.79% of raw material cost, while the makeup 

solvent THF that is used in the dehydration of xylose and MSA that is employed for the 

conversion of PAN from ODA account for 10.1% and 9% of total raw materials cost, 

correspondingly. Although dilute solutions are often useful to obtain high conversion and 

selectivity, they result in increasing operating cost due to the costs from makeup solvents 

and utility consumption. Furthermore it results in increasing capital cost due to the 

increasing volume of units. H2 contributes about 2.64% of the total operating cost. H2 is 

produced from non-renewable natural gas; however it does not participate in the main 

reaction (may participate in the side-reactions) and at the end of the production it is mixed 

with CO to supply as syngas. It is certain that with the increasing H2 price, its contribution 

will become more significant so it may be necessary to consider the separation of CO and 

H2 at that circumstance. The separation of CO and H2 can be achieved by condensation, 

distillation or adsorption however requiring cryogenic temperature. Membrane separation 

of CO and H2 has been extensively studied for some decades and has been effectively 

recover CO and H2 to relatively high purity. In case that H2 has to be recycled for due to 

economics, H2 can be obtained using the water gas shift of CO with steam to produce CO2 

and H2 followed by the separation using a pressure swing adsorption [186].  

The total utility cost contribute 12.79% of the operating cost using heat integration 

which helps to reduce about 81.8% of original heating consumption cost. The utility 

consumptions contain 88.0 GJ/hr of fuel heat, 1632.9 GJ/hr of cooling water, 4.3 GJ/hr of 

cooling refrigerant and 37.8 GJ/hr of electricity. The PAN is estimated as $810/metric ton 

which is about 53% lower than the market price of PAN from petroleum source that is 
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roughly $1706/metric ton [187]. If furfural is directly purchased from market, the price of 

PAN will increase dramatically. Because of the availability of inexpensive biomass 

feedstock and new conversion technology of xylose to furfural that obtains much higher 

yield, the relative inexpensive biobased PAN can be obtained based on the production 

process presented in this work.  

 

Table 4-6 Summary of Operating Cost 

Name Million $/yr Percentage 

Total Raw Materials Cost 106.65 70.47% 

Catalyst Cost 1.35 0.89% 

Total Utilities Cost 19.35 12.79% 

Operating Labor Cost 2.04 1.35% 

Maintenance Cost 6.15 4.06% 

Operating Charges 0.51 0.34% 

Plant Overhead 4.08 2.69% 

G and A Cost 11.21 7.41% 

Total Operating Cost 151.34 100.00% 
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The annual production sale is summarized in Table 4-7. The revenue comes from the 

product sale including the sale of PAN, the sale of furfurl alcohol, the sale of syngas and 

the sale of AAD and formic acid that are produced in the conversion of furfural from xylose. 

It is noted that 40.49% of revenue comes from the sale of PAN, 33.42% is from the sale of 

AAD and 21.56% corresponds to the sale of formic acid.  

 

Table 4-7 Summary of Product Sale 

 million $/year Percentage 

PAN 107.44  40.49% 

furfuryl alcohol 5.25  1.98% 

syngas 6.78  2.56% 

formic acid 57.22  21.56% 

acetic acid 88.68  33.42% 

Total Product sale 265.37 100.00% 

 

4.3.2 Sensitivity Analysis 

 

The price of different chemicals varies with the location, season, etc.; therefore the 

sensitivity analysis is performed to assess the impacts of the price variability of raw 

materials, coproducts and plant capacity. Heat integration is taken into account for all the 

scenarios. The results are shown in Figure 4-3. The base scenario is set as 100%, while the 
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scenarios labelled as 25%, 50%, and 200% correspond to their percentage of the base 

scenario. 25% of current xylose price can reduce the PAN price by 52% while twice the 

xylose price will increase PAN price to $1371/metric ton. The impact of AAD price is 

dramatic so that 200% of current AAD price will drop PAN by $142/metric ton while 200% 

of current formic acid price will decrease PAN to $379/metric ton. The impacts of other 

raw materials and byproducts are small. The value of polymer-O, polymer-F and polymer 

of furfural is not included while if they can be valued at $500-1500/metric ton then the 

PAN minimum price can be reduced by $199 to $596/metric ton. 25% of the plant capacity 

of the base scenario which is 33.25 PAN kton/yr raises PAN price by about 24.7%. 50% 

of plant capacity results in 5.7% increase of PAN price. Doubling the plant capacity 

decreases the PAN price by 4.0% which indicates that the selected capacity is near the 

optimal region. 

 

 

Figure 4-3 The minimum price of phthalic anhydride with the variation of raw materials, 

byproducts and plant capacity  
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In addition, the sensitivity analysis is employed to determine the impacts of reaction 

parameters such as selectivity and conversion on the total cost in order to direct the further 

research to improve the alternatives. 5% variation of conversion and selectivity is 

considered for most reactions in order to ensure the same separation units can still be used 

to achieve the same purity. The results are shown in Figure 4-4. For those already with 

high selectivity and conversion, only the negative variation is considered. Moreover, the 

reduction of the selectivity of ODA conversion is not considered given that the potential 

byproducts are not known and this will affect greatly the separation process. Increasing 

selectivity of furfural production from xylose can effectively reduce the PAN price by 

2.46%. Decreasing selectivity of furan from furfural decreases the minimum PAN price 

since the value of the byproduct – furfuryl alcohol ($1500/ton) from the furan production 

is considered. It indicated that the production of high-valued products is essential to 

improve the economics of production. If the conversion of ODA to PA is reduced, then 

unreacted ODA is mixed with polymer-F and removed by the filter FL3, which leads to a 

great loss of ODA and substantially increases the cost. The variation of the conversion of 

the remaining reactions results in small changes on the overall price between 1.0% and 1.7% 

because the unreacted materials are mostly recycled. In the case of decreasing conversion 

of MA from furfural, a side stream is connected to the distillation column 305 to recycle 

furfural that contains a small amount of water and a small amount of furfural is lost with 

water from the distillate. Thus a slightly higher variability is detected for conversion of 

furfural to MA. In comparison the selectivity change usually has bigger impact than 

conversion variation. It is noted that the negative decrease has much higher impact than the 

positive variation due to increasing separation and recycling costs. The selectivity 
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reduction of MA from furfural increases the need of furfural stream and larger utility 

consumptions of air. The reduction of selectivity of ODA to PAN leads to more MA 

increasing the recycling cost and the loss of recycling stream.  

 

 
 

Figure 4-4 The minimum price of phthalic anhydride with the variation of conversion 

and selectivity 

 

4.4 Life Cycle Assessment 

 

The goal of LCA is to evaluate the environmental burdens of the biobased PAN 

production from lignocellulosic biomass, understand the most important impacts and 

finally compare with oil-based PAN production. The scope of system is defined from-

cradle-to-gate, shown in Figure 4-5. One metric ton of PAN is selected as the functional 

unit to compare the LCA results of different alternatives. Although the LCA can vary 

intensively with different biomass feedstocks, the wood residue is used as a representative 
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case to illustrate LCA involving two scenarios. One scenario uses wood chips from oak 

followed by dilute acid hydrolysis from the wood sources in Illinois where the annual 

available wood is greater than 2000 kton [132]. The biomass processing utilizes dilute acid 

hydrolysis and the detailed descriptions and the input and output inventory can be found in 

[180]. The other scenario starts with hemicellulose solutions from paper mill which are 

often burnt to produce heat. Since the hemicellulose solutions from paper mill are taken to 

produce furfural, additional energy sources will needed to provide heat. Therefore, the 

environmental impacts of the hemicellulose solutions from paper mill is considered to be 

equal to the environmental impacts of addition heating sources that is specified as burning 

heat from wood chips. In order to calculate the amount of burning heating hemicellulose, 

the heating value of hemicellulose (xylose) is assumed 15.67MJ/kg [122].  
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Figure 4-5 Scope definition of bio-based PAN production process 

* polymers contains polymer of furfural, polymer-O, and polymer-F 
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SimaPro V8.0.4 [78] is utilized to perform LCA since it involves a broad international-

scope life cycle inventory databases and a variety of impact assessment methods. It is 

known that the LCI varies on different databases due to location, technologies, emission 

level, etc., but no comparisons between different databases have been included. All datasets 

are retrieved from Ecoinvent v3.0 [188] in order to avoid issues related to database 

compatibility. Ecoinvent is the largest database and its LCI has been undergone review and 

validation with consideration of uncertainties and it contains all datasets used in the process 

[154]. ReCiPe midpoint method v1.11 is selected in this work. Midpoint method is a 

traditional cause-effect chain approach of an impact categories with fewer uncertainties 

[158]. Economic allocation has been applied to share environmental impacts among 

multiple products using the weighting fraction of the sum of the product values. 

In addition, some assumptions are made to perform LCA including: 

1. Only the raw materials and solvents are included while the construction and 

infrastructure materials and catalysts are assumed to be recycled at the end of the lifetime 

of the project and excluded from the scope. The labor needed in the construction is neither 

included. 

2. Feedstock is transported from the local biomass sources; more specifically the plant 

is assumed in the middle of Illinois. The assumed capacity (1685 kton) accounts for 5.96% 

of the annual available biomass resources in Illinois (28284 kton) [132]. The biomass 

resources are assumed evenly distributed so that the average transportation distance 

between biomass resources to biorefinery facility is 121 km.  

3. Electricity is supplied by medium voltage grid based on the average transformation 

technology and the average electricity loss during transmission in US. Cooling is supplied by water, 
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cooling, unspecified natural origin based on the assumptions that 99.5% of cooling water is 

recycled and waste heat is emitted into atmosphere.   

 

4.4.1 LCA Results 

 

The production starting with biomass feedstock is mainly to solve two concerns that 

are depleting fossil fuels and increasing greenhouse gas emission. Therefore, the 

characterization results including climate change, water depletion and fossil depletion are 

discussed in detail. The characterization results of biobased PAN starting with oak chips 

(Oak), with hemicellulose solutions from paper mill (Mill) and oil-based PAN (Oil) using 

ReCiPe Midpoint method are shown in Table 4-8. A complete set of results including all 

the impact categories are shown in the Table 4-9.  It is noted that PAN from oak chips and 

paper mill is useful to correspondingly reduce 75.8% and 68.8% climate change (as 

expressed as kg CO2 emissions eq.) of oil-based PAN. PAN from oak chips and paper mill 

can also prevent fossil depletion (as expressed as kg oil eq.), and it results in the 11.9% and 

12.5% of fossil depletion comparing to oil-based PAN, correspondingly. However, the 

production of biomass has worse performances in the categories of water depletion. It 

requires 153.8% and 107.7% of water needed in oil-based PAN since the production 

starting with biomass feedstocks uses dilute system to improve selectivity and conversion, 

which rises the consumptions of water intensively and may improve using water exchange 

network. 

The detailed contribution of the selected category including climate change, water 

depletion and fossil depletion of oak-based PAN is shown in Figure 4-6 and the detailed 

results of different impact categories are shown in Figure 4-7. The climate changes or CO2 
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emission is mainly from CO2 emitted from PAN production process, electricity used in 

PAN and makeup solvent THF. Makeup solvent THF production also contribute 

significantly for water depletion. The fossil fuel depletion is caused by the production of 

deionized water, makeup THF, and the cultivation and processing of woodchips. 

 

Table 4-8 Characterization Results of Climate Change, Water Depletion and Fossil 

Depletion 

Impact category Unit Oak Papermill Oil 

Climate change kg CO2 eq 6.3E+02 8.1E+02 2.6E+03 

Water depletion m3 2.0E+01 1.4E+01 1.3E+01 

Fossil depletion kg oil eq 1.9E+02 2.0E+02 1.6E+03 

 

Table 4-9 The Detailed Comparison of Characterization Results  

Impact category Unit Oak Papermill Oil 

Climate change kg CO2 eq 6.3E+02 8.1E+02 2.6E+03 

Ozone depletion kg CFC-11 eq 6.2E-05 5.3E-05 7.2E-05 

Terrestrial acidification kg SO2 eq 2.6E+00 4.4E+00 1.2E+01 

Freshwater eutrophication kg P eq 1.5E-01 2.4E-01 3.7E-01 

Marine eutrophication kg N eq 3.4E+00 2.5E+00 5.8E-01 

Human toxicity kg 1,4-DB eq 1.7E+02 2.9E+02 4.4E+02 

Photochemical oxidant formation kg NMVOC 2.2E+00 3.2E+00 1.4E+01 

Particulate matter formation kg PM10 eq 8.6E-01 1.6E+00 4.3E+00 
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Terrestrial ecotoxicity kg 1,4-DB eq 1.4E-01 1.5E-01 1.5E-01 

Freshwater ecotoxicity kg 1,4-DB eq 8.0E+00 8.4E+00 1.7E+01 

Marine ecotoxicity kg 1,4-DB eq 7.1E+00 7.8E+00 1.6E+01 

Ionising radiation kBq U235 eq 6.7E+01 7.4E+01 1.3E+02 

Agricultural land occupation m2a 5.1E+03 1.3E+03 1.0E+02 

Urban land occupation m2a 1.2E+02 2.3E+01 1.3E+01 

Natural land transformation m2 1.1E-01 9.8E-02 1.5E-01 

Water depletion m3 2.0E+01 1.4E+01 1.3E+01 

Metal depletion kg Fe eq 2.5E+01 2.7E+01 8.5E+01 

Fossil depletion kg oil eq 1.9E+02 2.0E+02 1.6E+03 

 

 

 

Figure 4-6 Contribution of selected categories of PAN from oak chips using ReCiPe 

midpoint method 
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Figure 4-7 Contribution of each categories of PAN from oak chips using ReCiPe 

midpoint method  
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Chapter 5 On the Production of HMF, Levulinic Acid and 

Formic acid from Glucose Solutions: Process Flowsheet 

Optimization and Comparison 
 

5.1 Process Flowsheet Optimization 

 

There is growing interest to develop mathematical models to enable process flowsheet 

optimization in order to explore different alternatives and reduce the expensive 

experiments. The consideration of sufficient kinetic and thermodynamic details at the 

reaction and separation stages play a very important role in the economics of the overall 

process [61]. Although flowsheet simulator such as Aspen Plus has an integrated 

optimization package using IPOPT, the increasing complexity and fidelity of the 

simulation is often associated with the decreasing reliability. Deterministic optimization 

solvers cannot be directly applied in such cases where the simulation is expensive to 

evaluate for the approximation of derivatives, or the derivatives of the original functions 

are inaccessible or cannot be accurately estimated due to noise [105-107]. Thus derivative-

free optimization (DFO) methods, specifically surrogate-based optimization, will herein be 

applied. Different algorithms of derivative-free optimization including both direct search 

and surrogate-based optimization have been summarized in references [108, 109]. 

Surrogate-based optimization is that, the original model is used as a source of 

“computational experiments” to generate data points and then a simpler model is built with 

these data points [110].  
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Surrogate-based optimization is widely applied in the field of science problems, 

medical problems and engineering design [107]. The replacement of detailed unit model 

with surrogate-based model targets to capture the detailed characterization of unit models 

such as thermodynamics with affordable computational cost. The majority of previous 

work implements one surrogate-based function for the whole flowsheet [105, 189]. The 

main drawbacks of this approach is that the growing numbers of units result in more 

manipulated variables and longer computational time for each run especially when 

recycling streams are involved. For example, it takes couple seconds to run a unit model 

such as flash drum in Aspen Plus while it takes several minutes or longer to run a flowsheet 

model. Sometimes the flowsheet model may even not be able to converge. In order to build 

an accurate model for such complex flowsheet, intensive function calls are needed or 

prescreen techniques are used to restrict variables to those with great impacts. Different 

techniques are explored to minimize the variable amounts including decomposition, screen, 

mapping, space reduction and visualization and the details can be found in reference [190]. 

In this work, the surrogate-based model will replace each complex unit model. The 

remaining units are represented with simplified units due to the unavailable knowledge 

about physical properties of some compounds. For example, the transfer coefficient of 

desorption is not clear at this stage; but once the transfer models is generated it will be 

easily implemented. Such approach offers the flexibility to extend the flowsheet to the 

downstream conversion and separation by simply adding the downstream reaction and 

separation units to generate even an extremely complicated flowsheet.  
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5.1.1 Overview of Kriging as a Surrogate Modeling Approach  

 

A variety of surrogate-based methodology are explored in the literature including 

response surface, kriging, radial basis function, artificial neutral network etc. Kriging is 

among one of the most popular approaches and useful to model nonlinear and multimodal 

functions occurring in the engineering field because its prediction accuracy with fewer 

function calls with comparison other methodology [191]. Kriging, particularly Design and 

Analysis of computer Experiment (DACE), is selected in this work [192]. A brief 

description of kriging is provided while the detailed introduction and derivation can be 

found in reference [191, 192]. A general kriging response is  

ˆ ˆ( ) ( ) ( )
i i i

f x x x                            (1) 

Where ˆ ( ) ( )
i i

h h

h

x g x    and ( )
h

g x  is a function of x, the h
  are unknown coefficient 

to be estimated,  the error ( )x  is represented by a stochastic Gaussian process that is 

normally distributed with unbiased mean and variance 2
 , where the errors in the predicted 

values are correlated and denoted by a function of x . The error of the predicted value near 

the existing sample points are smaller than that far from the existing sample points 

   
2
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C o r x x x x    
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where  ,
i j

x xR  is the spatial correlation function and different choices persist. As the 

most commonly used spatial function in kriging models, the exponential function is 
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selected. The equation indicating when 
i

x  and 
j

x  get close to zero the correlation is near 

one and when the distance between two points is enlarged then the correlation decreases. 
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The parameter h


 is related to the importance of variables; if h


 is large then small 

distance between 
i

x
and 

j
x

 will lead to a large value of function or low correlation. The 

parameters h
P

 determine the smoothness of the function in coordinate direction h. The 

introduction of these two parameters make kriging differ from and outperform over other 

basis function methods since most other methods do not have parameters in their basis 

functions and use a Euclidean norm resulting in the sensitivities to the units of 

measurements.  

Usually the correlation makes significantly impacts on the fit so the ( )
h

g x  does not 

make a big influence on the response surface and. Thus ( )
h

g x  replaced by a simple 

constant term  is enough for a good prediction [191].  

The values of the parameters  , 2
 , h

 , h
P  are estimated by maximizing the likelihood 

of the observed data y or the logarithm of the likelihood function, which is given by  
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Substituting 
2

 and 


into the likelihood function the maximization of the 

concentrated log-likelihood function is simplified into 
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The final predictor of the kriging method is given by  
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Where r is the 1n   vector correlation between the point to be correlated and sample design 

points or  ,
n e w i

x xr R .         

The prediction accuracy is represented by the mean square error of the predictor which 

is related to the correlation. The error becomes smaller when the new point is near a sample 

point. The mean square error is denoted by 
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Although constant term of 
( )

h
g x

 mostly satisfies the accuracy requirement, the 

selection of 
( )

h
g x

 still depends on the pre-knowledge of the system. 

 

5.1.2 General Framework 
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Figure 5-1 General framework of process flowsheet optimization 
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A summary of the steps will herein be provided and the details of each stage will then 

be focused on. The general framework of the surrogate-based optimization process is 

shown in Figure 5-1.  

1) The independent variables are selected to build the surrogate model and the 

confidence domain for these variables are defined. The accuracy of surrogate 

models decreases quickly with the increasing problem dimensionality. Hence it is 

essential to reduce the number of variables considered in the surrogate models [193]. 

The selection of independent variables that also serve as the connection variables 

can easily satisfy the requirements. The selection of the set of independent variables 

may not be unique.  

2) For each unit ks, an initial set of samples are designed based on a design of 

experiment approach. The design of experiment used for computer-based 

experiment often uses either grid sampling or Latin hypercube sampling method, 

which are shown satisfactory representative of the whole spaces.  It is important 

that the kriging models captures all the trends of original function. The selection of 

sampling points can be achieved via generating all sampling points using the design 

of experiments. Another option is to initially generate a small amount of sampling 

points using design of experiments and then collect the remaining sampling points 

using adaptive sampling approaches to explore the areas. The goal of the 

exploration of the area can be achieved by maximizing the mean square error (MSE) 

or selecting the next point based on the distance between the next point to 

previously evaluated points [194]. The MSE function or the distance function is 
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multimodal so that the search of maximum value requires global optimization 

solvers and also needs intensive time for each search.  

Considered that n sampling points can be afforded, these two types of sampling 

approaches are compared to evaluate which one has a better representation of the 

whole area. Leave-one-out cross validation is used to assess the accuracy of models 

without sampling more points. Leave-one-out cross validation uses one point as 

validation set and the remaining points as the training set to predict the value of the 

one point. Absolute relative error is the absolute error divided by true value or

ˆf f

R E
f



 . It is used to measure the accuracy of the models. The optimal value 

is 0 and smaller value indicates accurate models.  

Two test problems - Branin function (2 variables) and Shekel function (4 variables), 

are exemplified to compare two approaches of initial sampling and adaptive 

sampling. In order to reduce the bias caused by random sampling, 50 replicate 

experiments are performed. For each experiments, the total amount of sampling 

points for two approaches keeps the same. 30 and 50 sampling points are considered 

for Branin function while 30, 50 and 100 sampling points are included for Shekel 

function. 100 sampling points are not involved for Branin function because in the 

adaptive sampling approach mean square error hits the lower bound before 100 

sampling points are added. The initial sampling generates the total amount of 

sampling points using latin hypercube sampling approach, while the adaptive 

sampling initially incorporates latin hypercube sampling for 10n+1 points and adds 

the rest of points at each iteration to maximize the mean square error using a global 
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solver - Tomlab LGO solver. The comparison results are shown in Table 5-1 and 

the minimum, maximum and average relative error of 50 replicate experiments are 

shown. The results indicate that at least no obvious advantage has been detected for 

adaptive sampling over initial sampling to represent the whole area. In fact, the 

initial sampling shows better results for lower-dimensional problem and with the 

increasing dimension, two sampling approach is comparable. This may be against 

the intuitive feelings that adaptive sampling to maximize the mean square error 

would explore the areas better. The reason could be that the mean square error is 

estimated by the previously sampling points so that with limited amount initial 

sampling points the mean square error estimation may not be accurate. However, 

in the case that uses one kriging model to represent the whole system, the adaptive 

sampling is still useful to balance the exploration and exploitation of area to 

decrease the amount of function calls. Therefore, a large set of sampling points are 

initially generated using design of experiments. 

3) Next, the function evaluations are made at the selected locations to generate initial 

sampling sets. The response surfaces are generated using the selected surrogate-

based method (i.e. kriging). Then the relative error are assessed. If RE is greater 

than the tolerance, then more sampling points are needed to add and repeat this step. 

4) Once kriging models of the selected units in the process flowsheet are constructed. 

The kriging models are connected with other detailed or simplified unit models to 

formulate the optimization problem (nonlinear problems) of whole flowsheet.  

5) The optimization problem is then solved using commercial solvers. The optimal 

solution obtained may be not feasible for the original problem; therefore at the end 
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of iteration the original function call is made at the optimal point to check the 

distance between real values and values that obtained from surrogate models and 

the feasibility of optimal points. If the distance is smaller than the tolerance, the 

current optimal points are feasible and the optimum at the current stage is the same 

as that from the previous stage, the optimum is found. Otherwise, the samples of 

functions calls are added, the surrogate models are updated, and the procedure 

continues from step 4. 

 

Table 5-1 Comparison of initial sampling and adaptive sampling 

Branin N = 30 N=50 N=100 

 Initial  Adaptive  Initial Adaptive Initial Adaptive 

Min 0.050603 0.062197 0.000587 0.011777   

Max 0.179802 0.172647 0.009597 0.048688   

Mean 0.05001 0.061519 0.002594 0.01174   

Shekel       

Min 0.1092 0.101399 0.098593 0.071578 0.054601 0.059568 

Max 0.563485 0.690088 0.38079 0.465942 0.187589 0.211438 

Mean 0.211982 0.227711 0.156876 0.152061 0.09406 0.095341 

 

5.2 Mathematical modeling 
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5.2.1 Reaction Paths and Kinetics Model 

 

The reaction system is catalyzed via coupling of CrCl3 and HCl catalyst [15, 23, 24]. 

The main reaction paths are shown in Figure 5-2 [15, 23, 24], including I. the isomerization 

among glucose, mannose and fructose, II. the dehydration of glucose, fructose and 

mannose to HMF, III. the rehydration of HMF to levulinic acid and formic acid, IV. the 

degradation of glucose, fructose, mannose and HMF to humins, and V. the adsorption of 

HMF to adsorbent. In order to avoid the potentials errors using the kinetics models from 

different literature and consider the availability of complete data sets of full reaction 

scheme, the reaction kinetics models catalyzed by HCl and CrCl3 that is developed in 

reference [24, 195] are utilized from equation (11) to (29). The study can be easily extended 

to any kinetics models. The kinetics model implements the power-law model proposed for 

the isomerization of glucose and the dehydration of fructose [24, 195]. The reaction 

constant rates of the reverse reactions for reactions L(1), L(2) and L(3) are calculated using 

equilibrium constant [196]. The models also involves the tautomer equilibrium of fructose 

[24]. The addition of CrCl3 in aqueous phase forms CrOH2+ ion which catalyzes the glucose 

isomerization to fructose, while adversely decreases the fructose dehydration to HMF and 

HMF rehydration [15]. In addition, the increasing acidity is useful to accelerate HMF 

formation while it decreases the concentration of CrOH2+ and consequently decelerates 

glucose isomerization [15]. Thus, it is essential to involve speciation model of CrCl3 so 

that the model can be used in search of the optimal reaction conditions such as pH, catalyst 

concentration, temperature, etc. The concentration of CrOH2+ is estimated based on the 
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concentration profiles reported in [15]  where speciation model was implemented in the 

OLI systems. The parameters of kinetics model can be found in Table 5-2. 
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Figure 5-2 Reaction scheme of glucose conversion to HMF: B/L denotes to the reaction 

that is catalyzed by Brønsted acid (HCl) or Lewis acid (CrCl3) 
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, represents the equilibrium 

constant for the conversion of fructose in the open chain form to the ij form, with i = α, β 

for α or β forms of furanose and pyranose configurations (j = f, p).  
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Table 5-2  Kinetics parameters [24, 195, 197] 

 

Reaction No. Activation energy Ea  

/Enthalpy difference ΔH, kJ/mol 

log10(A0/min-1 M-1) 

L(1) 100 11.0 

L(2) 80 7.7 

L(3) 91 9.4 

B(4) 127 18.1 c 

B(5) 160 18.4 

B(6) 175 20.5 

B(7) 97 11.9 

L(8) 71 6.4 
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B(8) 51  3.9  

L(9) 114 9.5 

B(9) 133 16.4 

L(10) 68 6.4 

B(10) 58 5.6 

L(11) 56 4.2 

B(11) 64 6.6 

B(12) 129 15.5 

Kαf -14.2 6.4 

Kβf -19 26.4 

Kαp -5.5 0.6 

Kβp -30.2 59.2 

 

5.2.2 Production Process 

 

In order to decrease the rehydration and polymerization of HMF, the reactive 

extraction or reactive adsorption is employed. The reactive extraction uses organic solvents 

to retrieve the products HMF, levulinic acid and formic acid out of aqueous phase. The 

reactions occur only in the aqueous phase and the products are stored in the organic phase. 

Different organic solvents have been explored and the partition coefficients vary with 

solvents [9, 198]. Tetrahydrofuran (THF) is a good extractant for the removal of HMF from 

aqueous phase, resulting in the highest partition coefficient [22]. NaCl is added to promote 

higher partition coefficients.  
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The extraction model is given by the following equation.  

, ,

i

e x i a q e x i o rg

d m
k C k C

d t


                (30) 

It is assumed that mass transfer from aqueous phase to organic phase is significantly 

faster than reaction rate; thus the parameters are related to the partition coefficient RR, 

where
e x

e x

k
R R

k


 . It is assumed that no glucose, mannose, fructose and humins exist in the 

organic phase. The compositions of organic phase (THF) include HMF, LA and FA, of 

which the partition coefficients are 7, 7 and 1. 

Therefore, the models of reactive extraction turn into 
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The process flowsheet to manufacture HMF from glucose is based on the previous 

work [61, 62]. The production process is shown in Figure 5-3. To briefly describe the 

production process, the glucose solution (stream 1) containing makeup HCl, CrCl3, NaCl 

is pumped and then mixed with recycled stream (16) to be preheated to the temperature of 

the reaction. The makeup THF (stream 4) is pumped into the heater and mixed with 

recycled THF (stream 9) to be preheated as well. The isomerization and dehydration occur 

in the aqueous phase and then the products are extracted into the organic phase. The organic 

phase (stream 8) is fed to the flash to evaporate the excess THF to form a product solution 

in THF (no more than 10 wt% HMF in THF) (stream 10) which is ready for the next-stage 

reaction. The aqueous phase (stream 7) is cooled to room temperature to prevent the further 

reaction of solution and then connects to a filter to remove solid byproduct humins. Stream 

14 is fed to a splitter to recycle partial of stream.   

Reactive adsorption integrates activated carbon as adsorbent to remove HMF, 

levulinic acid and formic acid from aqueous phase to minimize the humins formation [15, 

23, 24]. The mass transfer model of adsorption using activated carbon are represented by 
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Redlich-Peterson isotherm for fructose, glucose, mannose and HMF adsorption, Henry’s 

law for LA adsorption and Freundlich isotherm for FA adsorption [23]. It is assumed that 

isotherms of glucose and mannose are the same as that of fructose based on the fact that 

the isotherm of glucose is very close to that of fructose at the case using zeolite as adsorbent 

[199]. The ideal adsorbed solution theory is assumed so that the adsorption from 

multisolute mixture is estimated by the combinations of their single-solute isotherms [199].  

The detailed models of mass transfer are shown in equation (41) to (46) and parameters are 

listed in Table 5-2 [23].  The adsorbent is first washed by water and it is assumed that more 

than 95% of sugars and 10% of HMF, LA and FA are regenerated [200]. The adsorbed 

HMF then can be recovered by the washing the loaded activated carbon using ethanol 

achieving about 90% recovery [201], which can also be desorbed by contacting with other 

organic solvents particularly low molecular weight polar solvents, for example, acetone, 

propanol, butanol, etc.[202]. HMF can be adsorbed onto activated carbon with loading up 

to 30%(w/w) [201]. The same recovery is assumed for LA and FA while no glucose, 

fructose, or mannose is regenerated by organic solvent (i.e. ethanol). Unfortunately, 

isotherms of desorption model using ethanol solvent are not available; hence simplified 

shortcut model is used to simulate desorption. It is assumed that components accumulated 

in the activated carbon contains glucose, fructose, mannose, HMF, LA, FA, and humins, 

which are removed during regeneration of activated carbon. 

( )
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k q q
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By combining the mentioned reaction constants, the reaction expression for each 

species are given by equation (47) – (53): 
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H u m in s
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Figure 5-3 Process flow diagram of (a) reactive extraction and (b) reactive adsorption  



143 

 

The production process of reactive adsorption is shown in Figure 5-3 (b). The glucose 

solution (stream 1) including makeup CrCl3 and HCl is mixed with recycled stream (13 and 16) 

to be preheated to the temperature of the reaction. The makeup absorber -- the activated carbon 

(stream 4) is added the reactive adsorption reactor. After the reaction, the product-enriched 

activated carbon is removed from filter. Strean 7 is fed into a desorption column (stream 7) and 

washed by water (stream 8). The regenerated sugars as well as small amount of products are 

recycled in stream 9. Then the activated carbon (stream 10) enters another desorption column and 

washed by ethanol solvents (stream 17). At the last stage of desorption column, the activated carbon 

(stream 12) is recycled to the reactor. Humins, unwashed compositions may accumulate in the 

activated carbon; therefore continuous regeneration of activated carbon is needed. The aqueous 

phase (stream 6) from the filter mixed with stream 9 connects to two flash drums to recycle HCl 

(stream 13), and CrCl3 and unreacted components (stream 16). 

The reaction units including kinetics models are modeled by Matlab and represented 

by kriging model with the independent variables including the concentration of glucose, 

mannose, fructose, HMF, LA, FA, water, Cr(OH)2+, H+, residence time, reactor 

temperature and the concentration of activated carbon (m) which only applies for reactive 

adsorption 

2

*ˆ ( , , , , , , , , , , , )
G lu L A F A w a ter

o u t F in in in in in in in in in

i R M a n F ru H M F RC rO H H
F f F F F F F F F F F T m                                (54) 

The detailed separation units is simulated using Aspen Plus and then represented using 

kriging with the selected independent variables include the flowrate of HMF, LA, FA, 

water, THF, pressure, vapor fraction, and the temperature of feed stream: 

ˆ ( , , , )
o u t F in

i F L i F L F L feed
F f F P V f T              (55)  
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ˆ ( , , , )
T in

F L F L i F L F L feed
Q f F P V f T             (56) 

where i denotes to the composition i. 

DACE toolbox [203] is used to generate the kriging models. The remaining units are 

described using simplified models or detailed thermodynamic models. The thermodynamic 

models that used to calculate the enthalpy of each stream. Enthalpy of formation is 

provided in the Table 5-3. 

Table 5-3 Enthalpy of formation 

 

 

The DIPPR equation is used to calculated idea gas heat capacity and heat of 

vaporization. Heat of vaporization is given by equation (57) and the parameters is 

included in Table 5-4. 

2 3

2 3 4 5

1
1

C C T C T C T

va p

c

TH C
T

  

 
   

 
                       (57) 

Compound Enthalpy of formation (kJ/mol) (ref: 298.15K, ideal gas) 

Glucose -1089 

Fructose -1108 

Mannose -1118 

HMF -310.8 

Formic acid -378.6 

Levulinic acid -607 

H2O -241.8 

THF -184.18 
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Table 5-4 coefficients of heat of vaporization of different components (kJ/mol) 

Components HMF GLU FRU MAN LA FA WATER THF 

1 129.91 423.55 220.32 174.28 159.58 23.20 56.6 40.91 

2 1.21 2.40 1.59 1.17 2.11 1.91 0.61 0.12 

3 -1.32 -2.32 -1.67 -1.25 -2.42 -5.00 -0.63 0.46 

4 0.50 0.43 0.56 0.55 0.82 3.26 0.40 -0.24 

5 0 0 0 0 0 0 0 0 

 

Table 5-5  Heat capacity coefficient of different components (J/mol-K) 

 HMF GLU FRU MAN LA FA WATER THF Humins 

1 112.1 171.75 194.81 188.4 69.48 33.81 33.363 54.85 139.95 

2 182.9 385 271.31 272.7 162.35 75.93 26.79 184.91 0.55 

3 836.66 2009 841.98 838.52 486.04 1192.5 2610.5 833.1  

4 90.39 360.3 196.88 211.26 158.5 31.8 8.896 89.089  

5 3053 831.6 3482.2 3499.1 1721.2 550 1169 2458.5  

 

Heat capacity of liquid component is given by  

2 2

3 5

1 2 4

3 5s in h s in h

ig

p
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T T
C C C C

C C

T T

   

   
     

            
      

                                           (58) 

        The heat capacity of humins is  
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, 1 2

s

p i i i
C C C T                           (59) 

       The parameters of heat capacity is given in Table 5-5 

The break horse power of a pump can be calculated by the following equation: 

F

b

V P
W




                             (60) 

where F
V  is volumetric flow rate and   denotes to pump efficiency which is considered as 

0.7. 

The filter model is simplified by the splitting fraction i


, 

i

in in

i i
F F                                      (61) 

The objective function for mathematical model of the process flowsheet is to minimize 

the unit cost of products given by Equation 62. The whole process flowsheet problem is 

constructed in Matlab and solved using Tomlab SNOPT. 

 

R Q

k k j j

k j

i

i

R C Q C A T C C

P

  


                      (62) 

where k
R  is the amount of raw materials, solvents and catalysts k and 

R

k
C denotes to the unit 

price of raw material, solvents and catalysts k, which is listed in Table 5-6. j
Q  represents 
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to the utility consumption of unit j and 
Q

j
C is the unit price of utility which is listed in 

Table 5-7. i
P  is the product amount. 

Table 5-6 Summary of raw materials cost 

 

 

Table 5-7 Unit price of utility  

 $/kJ 

Cooling water 6.82403E-07 

High pressure steam 1.41628E-05 

Medium pressure steam  1.07625E-05 

Low pressure steam 8.66836E-06 

Electricity 2.15278E-05 

 

The total direct cost (TDC) for major units is calculated by equation (60) based on the 

cost estimation from our previous work and the parameters in Table 5-8. 

Compounds Price ($/ton) 

Glucose solution 300 (dry basis)  

NaCl 100 [184] 

THF 1500 [184] 

HCl 115 [59] 

CrCl3·6H2O 2200 [184] 
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                          (63) 

where u
T D C  is total direct cost of unit u, 

r

u
C A P  is the real capacity of unit u, and 

b

u
C A P is 

the base capacity of unit u. s f refers to scaling factor. 

 

Table 5-8 Direct cost, base capacity and scaling factor of equipment  

Component Name Total Direct Cost  

(million $) 

Capacity (m3) 

 

Scale factor 

Reactive extraction    

R1 102.9       1200 0.7 

FL1 1.54                   226 0.7 

FL2 1.13                   309 0.7 

FL3 2.33 869 0.7 

Pump 0.31 828/hr  0.8 

HX 2.34 102382(MJ/hr) 0.7 

FIL 0.32 133 0.7 

Reactive adsortpion    

Reactor  3.52 400 0.7 

Desorption column  5.223 227 0.7 
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The total indirect cost (TIC) is assumed as 55% of TDC and working capital (WC) 

accounts for 15% of total capital cost (TCC) which is the sum of TDC, TIC and working 

capital. No discount of future value is considered so that annualized TCC (ATCC) is given 

by  

p ro jec t life p ro jec t life

T C C T D C T IC W C
A T C C

 
                         (64) 

 

5.3 Optimization Results  

 

The reactive extraction and adsorption are optimized over a range of feed 

concentration, reactor temperature, residence time, concentration of catalysts or carbon, 

operating conditions of flashes and capacity. The optimal design conditions of reactive 

extraction are determined and shown in Table 5-9. The feed concentration is considered 

from 10wt% to 30 wt%. Higher feed concentration is selected which is useful to increase 

conversion and selectivity. Relatively high reaction temperature and short residence time 

are favored. At such reaction conditions, the overall conversion of glucose is 95.91%. The 

selectivity of HMF and LA is 15.93% and 69.04% correspondingly. Though at the 

conditions of flash 2 and 3, reaction may slowly continue, the temperature of flash is 

limited to under 373K to slow down reaction. Thus, no reaction is considered during 

separation process. The solvents exist with the products will be recycled in the later stage 

and 0.5% of loss is considered. The capacity is considered between 0.05 and 15.1 kton/yr, 

which the upper bound of capacity requires feedstocks from multi-state. 
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The minimum unit production cost is $833/metric, which the annual operating cost is 

$863 million/yr and the total capital cost is $325 million. The breakdown of the unit 

production cost is shown in Figure 5-4, 52% comes from biomass feedstock – glucose, and 

utility consumptions accounts for 37%. The catalyst and solvents contributes to 9% of the 

unit production cost while the impact of capital cost is negligible. The simultaneous heat 

integration is not involved in this work, which however will be beneficial to economics. 

The HMF, LA and FA are considered with the same value at this conditions.  

Table 5-9 Optimal Design of Reactive extraction 

 Lower bound Upper bound Optimum 

Reactor temperature/K   333.1500   473.1500   450.21 

Residence time/min     3.0000    60.0000    16.27 

Feed flow of glucose/mol/min     0.5852     1.7555     1.7555 

P1/105Pa     1.0000     9.0000     9.0000 

Vapor fraction of flash 1     0.5000     0.9950     0.6474 

P2/105Pa     0.3000     0.8000     0.8000 

Vapor fraction of flash 2     0.0010     0.0500     0.0482 

P3/105Pa     0.3000     0.8000     0.8000 

Vapor fraction of flash 2     0.0500     0.800     0.2785 

Capacity /mol glucose/min 58.52 17555 17555 

Feed flow of CrCl3/mol/min     0.0001     15.0000     0.022 

Feed flow of HCl/mol/min     0.0001     15.0000     0.275 
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Figure 5-4 The fraction of the unit cost of reactive extraction 

   

The optimal conditions of reactive adsorption is shown in Table 5-10. Reactor 

temperature goes to the upper bound which is determined based on the effective range of 

kinetics model. Higher reactor temperature and shorter residence time is selected to 

improve the yield since the initial adsorption of glucose into active carbon decreases the 

concentration of glucose in aqueous solution. The upper bound of activated carbon 

concentration is determined because activated carbon may not be able to generate 

suspension at the concentration greater than 100g/L. If other adsorbent is applied, higher 

concentration of adsorbent may be achievable; but further studies are needed. The 

conversion of is 99.77%. The selectivity of HMF is only 0.01% while the selectivity of LA 

is 97.1%. No constraints of minimum production of HMF, LA and FA is considered. 

Therefore, the optimum results lead to more production of LA and FA since they are 

produced from rehydration of HMF. In other words the mass weight of HMF is smaller 

than that of FA and LA produced from HMF. Higher conversion and overall selectivity is 

glucose catalyst/solvent utility capital
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achieved in this case while due to the loss of LA and FA in the recovery stage the overall 

yield of the whole production system is lower than the reactive extraction. The simplified 

desorption and extraction models are used with recovery rate which may lead to the bias 

results due to the lower or higher recovery rate used. The exploration of the isotherms of 

desorption and the mass transfer models of extraction will be useful to optimize the 

configuration and residence time of desorption unit and the amount of solvents, residence 

time of extraction unit.  

Table 5-10 Optimal Design of Reactive Adsorption 

 Lower bound Upper bound Optimum 

Reactor temperature/K   333.1500   473.1500   473.15 

Residence time/min     3.0000    60.0000    27 

Feed flow of glucose/mol/min     0.5852     1.7555     1.7555 

Activated carbon concentration/g/L 25 100 100 

P2/105Pa     0.3000     0.8000     0.3000 

Vapor fraction of flash 2     0.0010     0.0500     0.001 

P3/105Pa     0.3000     0.8000     0.8000 

Vapor fraction of flash 2     0.0500     0.800 0.7162 

Capacity ratio/mol glucose/min 58.52 17555 17555 

Feed flow of CrCl3/mol/min     0.0001     15.0000     0.6677 

Feed flow of HCl/mol/min     0.0001     15.0000     2.6163 

 

The minimum production cost is $896/metric ton, which is slightly higher than that 

from reactive extraction. The operating cost is $826.78 million/yr and the capital cost is 
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$94.9 million. It is noted that the capital cost is much lower than that in the reactive 

extraction since the cheaper materials is used without the existence of saturated NaCl. The 

contributors of the production cost is shown in Figure 5-5. Glucose feedstock contributes 

to 55% of production cost and utility cost accounts for 31%. The utility cost in the case of 

reactive adsorption is cheaper than in the case of reactive extraction because no solvents 

are used in the reaction stage which also decreases the reactor volume. 14% of the unit 

production cost is from the catalyst and solvents cost including CrCl3, HCl, active carbon 

and ethanol. The annualized capital cost accounts for less than 1%.  

 

 

Figure 5-5 The fraction of the unit cost of reactive adsorption 

 

It is not clear what is maximum concentration of glucose that is possibly achieved 

from upstream; therefore the minimum production cost is studied with different feed 

concentration, shown in Figure 5-6. The feed of glucose is assumed between the ranges of 

10 to 30 wt% (0.5852 to 1.7555 mol/L). Higher concentration is preferred since it leads to 

glucose catalyst/solvent utility capital
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lower energy consumptions and solvent requirement as well as resulting in higher yields. 

In the case of reactive extraction, the unit production cost increases from $833/metric ton 

to $1377/metric ton for the concentration decreasing from 30 wt% to 10wt%. The same 

trend is found for reactive adsorption, but the unit production cost is slightly higher than 

the cost of reactive extraction. The decrease of concentration from 30wt% to 10wt% 

elevates the price from $896/metric to $1493/metric ton. For the reactive adsorption, lower 

temperature and longer residence time are selected at lower initial glucose concentration. 

In the scenario of 10% of glucose concentration, the overall conversion of glucose is 47.15% 

and the selectivity of HMF and LA is 31.14% and 52.24% while at 20% concentration the 

conversion increases to 64.41% and the selectivity is 20.94% and 64.81%. In comparison, 

the same reaction temperature and residence time is selected for reactive adsorption.  

 

 

Figure 5-6 The comparison of different feed concentration  
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Chapter 6 Conclusion and Future Work 
 

6.1 Conclusion 

 

With the increasing attention on bio-based chemicals, it is of great importance to assess 

alternative production routes from a process viewpoint leading to the development of 

biorefinery, where a general framework is applied implementing process design, 

simulation, heat integration, life cycle assessment and process optimization. The 

production of p-xylene from C6 sugars involves three stages. The first stage is the 

conversion of starch to HMF, which involves first the saccharification of starch into 

glucose followed by the isomerization of glucose to fructose, and finally the dehydration 

of fructose to HMF using a biphasic reaction [198]. The next stage is the 

hydrodeoxygenation of HMF to 2,5-dimethylfuran (DMF) [9, 10, 12]. At the last stage, p-

xylene is produced by the dehydration of the intermediate formed from DMF and ethylene 

via a Diels-Alder cycloaddition reaction [123]. It is found that the minimum price of p-

xylene is slightly higher than oil-based p-xylene. The major contribution of operating cost 

comes from biomass feedstocks. The dilute feed solution and large amount of THF that is 

added to extract HMF increase the energy consumptions and equipment volume. The 

addition of NaCl and acid requires the equipment materials to be an expensive acid and salt 

resistant metal alloy. In comparison with GEVO’s p-xylene production which converts C6 

sugars to iso-butanol via fermentation first, followed by catalytical conversion, the p-

xylene obtained from GEVO production leads to higher minimum price but variable 

products. 
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Next, p-xylene production from first- and second-generation biomass feedstocks are 

both studied while dilute acid hydrolysis is selected as an example to illustrate the 

pretreatment of the second-generation biomass feedstock (even though there are more 

hydrolysis methods which are briefly discussed). Different hydrolysis methods may change 

LCA results dramatically which however is beyond the scope of this work. The starch-

based pX is not as environmentally friendly as the petroleum-based pX, whereas oak-based 

pX is comparable with petroleum-based pX especially when we take into consideration the 

allocation. The points assigned using economic allocation highly depend on the value of 

the products, thus higher byproducts’ value which can achieved via further separation and 

utilization of byproducts can also reduce the points of pX. Specifically oak-based pX has 

reduced points in the climate change while the cultivation of biomass and the use of non-

biobased components, such as THF and ethylene increase the impacts in some categories. 

Thus in order for the integrated biorefineries to successfully compete with conventional 

refineries significant in terms of cost and environmental impact improvements in several 

aspects (i.e. new catalyst development, process design and optimization, supply chain 

management etc.) are needed. Given that the production of biobased pX is a new 

technology that is currently developed, it is expected that LCA results will improve as the 

technology matures (i.e. the use of concentrated solution or the elimination of the use of 

organic phase etc.). The variation of LCA results starting from different types of biomass 

feedstock is extensive. In addition, it is discovered that more concentrated solution is useful 

to reduce the environmental impacts of the process and the replacement of non-based 

production for THF, ethylene and etc. may be useful to further decrease environmental 

impacts. 
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The framework is then applied on the production of PAN from biomass-derived 

hemicellulose solutions which contains the following steps. Dehydration of xylose to 

furfural, reductive decarbonylation of furfural to furan, oxidation of furfural to MA, Diels-

Alder cycloaddition of furan and MA to ODA and dehydration of ODA to PAN. The values 

of byproducts except of the polymers are involved. The minimum price of PAN as 

$810/metric ton, which is much lower than petroleum-based PAN. The coproduction of 

high-value products is very useful to improve the economics of the system.  In order to 

produce one ton of PAN as well as 1.01 ton of acetic acid and 0.36 ton of formic acid, 4.16 

ton (dry basis) of 10.7wt% xylose solution and 0.36 ton of natural gas (if the conversion 

efficiency is assumed as 0.7 and the composition of natural gas is methane) are required. 

Therefore the 86% of the PAN carbon is from renewable biomass and 14% from natural 

gas. Raw materials from biomass feedstock dominate the operating cost. The use of dilute 

carbohydrate solutions and extraction solvent increases the operating cost (specifically raw 

materials cost) as well as the capital cost. LCA indicate that biomass-based PAN 

production has reduced impacts of climate change and fossil depletion; however it has 

raised the needs of water. The replacement of the electricity source from natural gas or coal 

to renewable one will further reduce the overall environmental impacts. Additionally, great 

amounts of THF that are required in the dehydration of xylose have large impacts on some 

of the categories. Biobased production is at the early stage development of technology; 

hence with the integration of biomass conversion to fuels, chemicals, electricity, etc., it 

will become more environmentally friendly. 

Final Chapter presents a general frame of process flowsheet optimization which 

incorporates the surrogate-based model for each detailed unit to retain the accuracy via 
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using the detailed kinetics and thermodynamics models. The productions of HMF, LA, and 

FA from glucose using reactive extraction and reactive adsorption are studied. The kinetics 

of reaction is modeled in Matlab and flash drums are modeled using Aspen Plus, which are 

represented by kriging model. Then the kriging models are connected with simplified unit 

models to generate the flowsheet models. The optimization problem is solved using 

commercial nonlinear optimization solvers. Due to the existence of prediction error of 

kriging models, it is crucial to check the feasibility at the end of each iteration.   

The production of reactive extraction is slightly cheaper than that of reactive 

adsorption. The capital investment of reactive adsorption is much lower than reactive 

extraction. The minimum production cost is found at higher concentration of biomass 

feedstock, higher reaction temperature and lower residence time. The dominant cost is from 

glucose feedstock and utility consumption. The impact of capital cost is negligible. It is 

noted the minimum production cost increases intensively with the feedstock concentration. 

Particularly, the decreases of glucose feed concentration from 30 wt% to 10 wt% lead to 

the increase of unit production cost from $833/metric ton to $1377/metric ton for reactive 

extraction and $896/metric ton to $1493/metric ton for reactive adsorption. 

 

6.2 Future Work 

 

There are many opportunities for future work to extend this study. First of all, some 

assumptions are made to design and evaluate the process without validation. For example, 

in the production of DMF from HMF it is assumed that formic acid and levulinic acid have 

no impacts on the production. It will be useful to validate these assumptions and the design. 

Besides, the different nature of biobased derived feedstocks and the compounds involved 
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in the biobased conversion are often relatively new and less studied so that the physical 

properties of them are lacking in the database and sometimes it is even difficult to find in 

the literatures. The relating studies to explore the physical properties will be useful to build 

a more accurate model.  

Second, the success of refinery highly depends on its production of multi-products and 

selection of these products. The evaluation of potential chemicals and fuels can be achieved 

by the presented framework which will also be useful develop more economically and 

environmentally friendly alternatives to fulfill the network of biorefinery.  

Finally, the framework of process flowsheet optimization using surrogate-based 

models can be extended to multi-criteria optimization which takes into account not only of 

economic objective but also environmental impacts. The utility consumption of reactive 

extraction is large; thus it will be also interested to include simultaneous heat integration 

with process optimization.  
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Appendix 

 

In order to access the accuracy of Aspen Economic Analyzer, the equipment cost are 

compared using traditional cost tables in reference [204], which the reference year is 2002 

with chemical engineering plant cost index (CEPCI) 395.6, and Aspen Economic Analyzer 

V8.0, which the equipment quote is based on the first quarter of 2012. Thus the costs 

calculated by tables are then escalated to year 2012 which CEPCI is 384.5.  

 

Table A-1 Comparison of equipment cost using reference and Aspen Economc Analyzer 

Equipment Material capacity  unit Table 

k$ 

Aspen 

k$ 

Difference 

% 

Centrifugal Pump Carbon steel 0.02 m3/

s 

10.8 10.3 -4.3 

2-stage Air 

Compressor 

carbon steel 0.1 m3/

s 

162.5 145.6 -11.6 

Reactor  316 SS 10 m3 236.4 250.3 5.6 

Shell-tube Heat 

exchanger 

tube 304 SS 

shell CS 

50 m2/

S 

15.5 19.7 21.3 

U-tube HX CS 50 m2/

S 

11.2 12.3 8.9 

 

The difference of most equipment is smaller than 10%. For shell-tube heat exchange 

Aspen estimates 21% over what is calculated from traditional table while 2-stage air 
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compressor estimated by Aspen is about 12% cheaper than that from traditional table. The 

difference is among the error range of these type of preliminary evaluation. 
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